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ABSTRACT 
The focus of this study was on concentration polarization (CP) and colloidal 
fouling control in the vibration enhanced reverse osmosis desalination system and the 
fundamentals of centrifugal reverse osmosis (CRO). 
A two-dimensional numerical model simulating colloidal particle fouling was 
proposed aiming at visualizing the process of colloidal fouling accumulation and leading 
a better understanding of the mechanism of colloidal fouling in a spacer-filled membrane 
channel. This model predicts the porous cake layer thickness distribution among 
membrane surface and its effect on the cake enhanced osmotic pressure (CEOP) 
phenomenon. Results show that colloidal fouling has a huge influence on the membrane 
performance with up to 47% of the permeate flux decline and 1.77 of the NaCl CP 
modulus within 12 hours. 
A novel vibration enhanced reverse osmosis technique was employed to control 
the concentration polarization phenomenon and colloidal fouling by silica colloids 
during the reverse osmosis membrane desalination process. Both simulations and 
experimental results show that membrane performance can be improved by vibration 
enhanced reverse osmosis technique for all 7 systems investigated in this study. 
Membrane NaCl CP modulus decreases and the permeate flux increases as the vibration 
frequency increases up to 60 Hz, with a constant vibration amplitude. A maximum 60% 
improvement of the normalized permeate flux and 25% reduction of the NaCl 
accumulation after 12 hours was found. 
iii 
In addition, a new CRO concept was proposed to reduce the energy consumption 
and device size. Results show that the energy cost of the new CRO concept is 
competitive compared with current medium and large size SWRO systems, while the 
capital cost is only 0.1% of them. The operation cost is 30% lower compared with the 
convectional membrane desalination plant. Return on Investment (ROI) study also 
shows that a total profit over 60k USD and 87% of the ROI can be achieved within 30 
years operation of the new CRO system. 
The outcomes of this study may lead to a better understanding of the vibration 
enhanced reverse osmosis desalination process, membrane colloidal fouling simulation 
and control, and the CRO desalination process. 
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u Velocity component in the x-direction (m s-1) 
v Velocity component in the y-direction (m s-1) 
x Axial coordinate (cross-flow direction) (m) 
y Lateral coordinate (channel height direction) (m) 
D Diffusion coefficient (m2 s-1) 
c Solute concentration (g g-1) 
∆P Transmembrane pressure (Pa) 
J Permeate flux (m s-1) 
h Height (m) 
u Averaged x-direction velocity (m s-1) 
Re Reynolds number 
aacc Membrane move acceleration (m s
-2) 
rs Spacer radius (mm) 
k Boltzmann constant  = 1.38064852× 10-23 m2 kg s-2 K-1 
T Temperature (K) 
Acell Cell bottom face area (m
2) 
a Colloidal silica particle radius (m) 
P Pressure (pa) 
m Fouling mass per unit depth(kg m-1) 
TCF Temperature correction factor 
kt Coefficient constant used in the TCF equation 
R Hydraulic resistance (m-1) 
CP Concentration polarization 
l Membrane length (m) 




n  Normal direction 
f Vibration frequency (Hz) 
A Vibration peak amplitude (m) 
Δt Time step (s) 
,
ˆ
t fHzJ  
Normalized permeate flux at time t with f Hz vibration 
K Hydrodynamic permeability (m2 s kg-1) 
Sh Sherwood number 
km Mass transfer coefficient (m s
-1) 
dh Hydraulic diameter (mm) 
Rrej  Membrane intrinsic rejection 
Vtot Total channel volume 
Vsp Volume occupied by spacers 
VBIi Refutas index of each component 
VBI  Refutas index of the blend 
Tper Time period (s) 
Ptotal Total power consumption (W) 
Pideal Ideal power consumption (W) 
Ploss Pressure loss power consumption (W) 
Pf Bearing friction power consumption (W) 
r Centrifuge radius (m) 
Qf Volumetric flow rate of feed water (m
3/s). 
Pe Power collected from high pressure water (W) 
db Bearing bore diameter (m). 
Pb Equivalent dynamic bearing load (N) 
Fr Actual radial bearing load (N) 
Fa Actual axial bearing load (N) 
X Radial load factor for the bearing 
Y Axial load factor for the bearing 
ix 
Wc Weight of the CRO device (N) 
G Unit power consumption (kWh m-3) 
ROI Return on Investment 
Greek 
Symbols
μ Fluid dynamic viscosity (Pa s) 
ρ Density (kg m-3) 
π Solute osmotic pressure (Pa) 
τ Cake tortuosity 
γ Shear rate (s-1) 
Φ Volume fraction (L/L) 
α Specific cake resistance (m kg-1) 
ε Cake porosity 
θ Fraction of particles deposited  
Γ Concentration polarization modulus 
δBLT Boundary layer thickness (mm) 
 Voidage of the spacer-filled membrane channel 
ω Centrifuge angular velocity (rad/s) 
d Angular momentum in the driving process (kg m
2 s-1) 
e Angular momentum in the collection process (kg m
2 s-1) 
δ Recovery ratio 
p Angular momentum in the permeate water (kg m
2 s-1) 
f Frictional moment (N m) 
μb Constant coefficient of friction for the bearing 
Subscripts 





n Solute NaCl 
c Colloidal silica particle 
0 Initial property without effect of porosity 
br Brownian diffusion 
i Solute i 
p Permeate flow 
sh Shear-induced diffusion 
crit Critical flux 
min Minimum 
ch Channel 
rms Root mean square 
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1.1. Problem Statement 
Drinking water resources have been becoming more and more limited in the 
world caused by the increased population, industry and agriculture growths, improved 
living standard, etc. In 2015, member states of the United Nations adopted the ‘2030 
Agenda for Sustainable Development’ and proposed the goal that achieving universal 
and equitable access to safe and affordable drinking water for all by 2030 [1]. However, 
according to the report from WHO in 2017 [2], 844 million people currently still lack 
even a basic drinking water service. 
Desalination, especially seawater and brackish water desalination, has been 
proved to be an effective technological solution to meet the fast growing need of fresh 
drinking water worldwide. Desalination capacity has also been increased rapidly in the 
last two decades due to the significant reduction in the operation cost benefited from the 
technological advances. 
Desalination technology is becoming an important part or even the main drinking 
water source in some countries. Qatar relies 100% on the desalinated water for the whole 
country usage [3]. Currently, the cost of desalinated seawater is lower than 1.00 US$/m3 
for a large-scale commercial seawater reverse osmosis membrane desalination plant. In 
the year 2012, the total global desalination capacity was around 66.4 million m3/d. 
58.9% of the desalinated water source is seawater; while another 21.2% comes from 




Desalination process can be classified into two types: phase change desalination 
or membrane desalination based on the corresponding separation mechanisms [5]. The 
phase change desalinations include multistage flash distillation (MSF), multi effect 
distillation (MED) and vapor compression (VC), etc.; while the membrane desalinations 
include electrodialysis (ED), reverse osmosis membrane (RO) and ultrafiltration (UF), 
etc. RO membrane desalination is currently considered as more environmentally friendly 
(no harmful chemicals used or produced) and energy efficient (energy recovery device 
installed) than other methods such as MSF and MED. RO membrane desalination system 
can also be made small and portable to fit offshore individual households filtration 
system requirement. 
A disadvantage of RO membrane desalination method is that the RO membrane 
is sensitive to membrane fouling caused by particle deposition, scaling, growth of 
organic solvents, etc. Membrane fouling will cause the permeate flux decline, 
irreversible membrane degradation, and thus, reduce the membrane lifetime. Commonly 
encountered colloidal matters in seawater and brackish water treatment processes are 
difficult to remove by conventional pre-treatment processes. Some small colloids can 
even pass through the micro-filtration (MF) membrane with 0.2 μm pore size. During the 
RO membrane desalination process, these colloidal particles can be deposited on the 
membrane surface and form a porous cake-layer which prevents permeate flux passing 
through the membrane piece. 
Currently, there is a lack of comprehensive simulation model to predict the 




influence of colloidal fouling. The fouling cake layer growth should be non-uniform and 
highly location dependent due to the complex hydrodynamics and solute concentration 
distribution inside a spacer-filled membrane channel. The uniform-effective cake layer 
height assumption is too coarse to evaluate the colloidal fouling details of membrane, 
especially for spacer-filled membrane system. 
In addition to the colloidal fouling prediction model, there is also the need for 
proposing mechanical method to address the RO membrane concentration polarization 
and colloidal fouling problem, with the aim of increasing membrane permeate flux, 
reducing both membrane salt concentration and colloidal fouling. 
 
1.2. Objectives and Scope 
The objectives and scope of this research study and the breakdown of the 
dissertation structure are outlined as follows: 
(1) Critically review the available literatures on membrane desalination, 
concentration polarization (CP), colloidal fouling as well as the membrane 
fouling control (Chapter 2). 
(2) Develop a vibration enhanced reverse osmosis cell desalination test rig to 
perform experiments. 
(3) Develop a CP prediction model for a membrane filtration channel with spacer 
filaments considered (Chapter 3). 
4 
(4) Couple the CP prediction model with the colloidal fouling growth model to 
predict the membrane colloidal fouling and animate the colloidal fouling layer 
growth under different operation conditions and feed solutions (Chapter 4). 
(5) Simulate membrane CP inside the vibration enhanced RO membrane system and 
compare with experimental results (Chapter 3). 
(6) Simulate membrane colloidal fouling inside the vibration enhanced RO 
membrane system and compare with experimental results (Chapter 5). 
(7) Propose a new centrifuge reverse osmosis (CRO) concept and investigate the 
power consumption, operation cost and ROI of the new CRO concept (Chapter 
6). 
1.3. Significance 
The significant outcomes of this research are: 
(1) A novel vibration enhanced reverse osmosis membrane desalination technique is 
proposed. 
(2) Detailed hydrodynamics were analyzed using transient computational fluid 
dynamics (CFD) simulation consisting of the fully coupled fluid dynamics and 
solute transportation governing equations. Concentration dependent fluid 
properties and axial variation of permeate flux were considered in the simulation 
model. 
(3) A novel numerical model, which includes both critical flux theory and CEOP 




fouling. The animation of the colloidal fouling layer growth with time was 
depicted based on this simulation model. 
(4) Simulations of concentration polarization and colloidal fouling in vibration 
enhanced RO membrane desalination system with experimental validation. 
(5) A new CRO concept was proposed with the analysis of power consumption, 
operation cost and ROI study. 
6 
2. LITERATURE REVIEW
This chapter provides the basic principles of the RO membrane desalination, 
concentration polarization, colloidal fouling and fouling control methods in conventional 
RO membrane desalination system. 
2.1. Fundamentals of RO Membrane Desalination 
2.1.1. Membrane process and membrane module 
Pressure driven membrane desalination refers to a process that a feed stream 
consisting of both solute and solvents is separated by a membrane module into a 
permeate stream and a concentrated stream. This separation characteristics are mainly 
determined by the corresponding pore size of the porous membrane structure. And they 
are classified as microfiltration (MF), ultrafiltration (UF), nanofiltration (NF) and 
reverse osmosis (RO). MF has the largest effective pore size (0.05 – 10 μm) and the 
lowest driven pressure which is less than 2 bar. It is the conventional coarse filtration 
and is typically used for water treatment, retaining suspensions and emulsions [6]. UF 
has finer pore size (1 – 100 nm) compared with MF and it has also higher driven force 
(less than 10 bar). UF is mainly used in dairy, food, metallurgy, textile, etc. RO has the 
finest effective pore size (less than 1 nm) with the highest operation pressure 
requirement. It needs 12-23 bar pressure for brackish water desalination, and 40-80 bar 
for seawater desalination. This extreme high pressure is needed to create enough 
transmembrane pressure to overcome the solution osmotic pressure and reverse the flow. 
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Osmosis is a natural phenomenon in which water (solvent) passes through a semi-
permeable membrane from the side with lower solute concentration to the higher solute 
concentration side until equilibrium of water (solvent) chemical potential is reached [7]. 
There are four types of conventional RO membrane modules available: 
1) Spiral wound module. RO membrane pieces form thin membrane channels and are
wrapped in the spiral formation to increase the effective membrane area for a given 
membrane module volume. There are typically 5-10 membrane envelop channels in 
one commercial spiral wound RO module. 
2) Plate and frame module. One thin membrane channel which includes one or both
membrane walls. 
3) Tubular module.
4) Hollow fiber module. Both tubular module and hollow fiber module are cylindrical
membrane tubes with different diameters. 
Table 1 summarizes the general characteristics of these four membrane modules 
[7]. Spiral wound module is the most commonly used membrane module since it has 
good packing density, acceptable tendency of fouling and tolerant feed stream filtration 
requirement. In the spiral wound module, the feed spacer is added in the feed channel to 
reduce the feed pressure drop and tendency of fouling. 
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Table 1. General characteristics of RO membrane modules. 
Characteristics 
Module type 
Spiral wound Hollow fiber Tubular Plate frame 
Packing density (m2/m3) 
800 6000 70 500 
Feed flow rate (m/s) 
0.25-0.50 0.005 1-5 0.25-0.50 
Feed pressure drop (bar) 
3-6 0.1-0.3 2-3 3-6 
Feed stream filtration 
requirement 
10-25 μm 5-10 μm Not required 10-25 μm 
Tendency of fouling Average High Low Average 
2.1.2. Membrane performance 
To describe the behavior of a membrane filtration system, permeate flux and 
intrinsic rejection coefficient of the membrane are commonly used. 
The permeate flux is defined as the volume of permeate water collected per unit 
effective membrane area per second with the unit of m/s. And it can be evaluated using 
Darcy's law for porous media: 
( )J K P =  −  (1) 
where K  is the membrane hydrodynamic permeability, P  is the applied trans-
membrane pressure which equals the difference between the feed channel pressure and 
permeate pressure and   is the osmotic pressure difference across the membrane. 












=  (2) 
where mR  is the resistance of membrane and   is the fluid dynamics viscosity. 
Both equations (1) and (2) are used for a clean membrane. For fouled membrane 
system, additional cake layer resistance term cR  needs to be added in the equation (2) 












Intrinsic rejection coefficient of the membrane ,i rejR  is used to describe the 
efficiency of membrane to separate water with other solutes with the range of 0 to 1 and 












= −  (4) 
where 
,i pc  and ,i mc  are the permeate concentration and membrane local concentration of 
solute i. In this work, the 
,i pc  are experimentally measured, and the ,i mc  are unknown 
and obtained via the CFD simulation. When the rejection coefficient = 0, both solute and 
solvent pass through the membrane freely; while the rejection coefficient = 1 means all 
solutes are completely blocked by membrane and this is the ideal situation in the 
membrane filtration process. 
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2.2. Membrane Concentration Polarization 
Membrane concentration polarization is one of the most important factors which 
restricts the usage of membrane desalination. During the membrane desalination process, 
the solutes including ions and colloidal particles are rejected by the membrane while the 
permeate flux goes across the membrane. The solute concentration near the membrane 
surface increases and the accumulated solute will also cause a back-diffusion to transport 
solute from membrane surface to bulk. And this will eventually reach a steady-state 
condition where the convective solute accumulation caused by permeate flux equals to 
the back diffusion of the solute to the bulk flow. The build of the increased concentration 
boundary layer is well-known as the concentration polarization phenomenon in the 
membrane desalination process and is depicted in the Figure 1. 
On the one hand, membrane concentration polarization will increase the 
corresponding solute osmotic pressure on the feed side, and thus reduce the membrane 
permeate flux; on the other hand, accumulated solute on the membrane surface will 
promote the membrane fouling. Inorganic salts, such as Ca2+, CO3
2- and SO4
2-, may form 
insoluble salts and scaling while the accumulated concentration exceeds the 
corresponding solubility limit. In addition, accumulated silica colloidal particles on the 
membrane surface may transfer from liquid phase (concentration polarization) to the 
solid phase (porous cake) [8]. 
In order to have a better understanding of concentration polarization and 
eliminate the effect the concentration polarization, several different models were 
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proposed to describe it including film theory model, osmotic pressure model and 
boundary layer resistance model. 
The film theory model assumes the mass transfer near the membrane surface is 














where D is the solute diffusion coefficient, δBLT is the boundary layer thickness, cm is the 
concentration at the membrane surface, cp is the permeate flux concentration, and cb is 
the bulk flow concentration. 















The osmotic pressure model contributes the permeate flux decline caused by 
concentration polarization as the increase of osmotic pressure [6]. High concentration of 
molecules will cause high osmotic pressure and reduce the effective transmembrane 









The boundary layer resistance model treats membrane concentration polarization 
as an additional hydraulic resistance when considering the separation process [10]. By 







All these models are simple one-dimensional models assuming: a) permeate flux 
is constant throughout the boundary layer; b) solute convection-diffusion mass transport 
is only one dimensional; c) concentration polarization (CP) and permeate flux doesn’t 
depends on the axial position and thus remain constant along the whole membrane 
channel [11]. All these assumptions are too coarse for the current industrial membrane 
desalination research. The combination of CFD simulation with traditional CP models 
overcomes all above mentioned limitations and provides detailed hydrodynamics 
information of the membrane desalination. As mentioned in the review by Ghidossi et al. 
[12], CFD is becoming more important in RO membrane science since it can provide 
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more detailed flow and solute distribution information, especially when combining CFD 
simulation with laboratory membrane module experiments. 
Eric Lyster and Yoram Cohen [11] analyzed the concentration polarization in 
both rectangle reverse osmosis module and laboratory plate-and-frame RO membrane 
module by solving fully coupled fluid dynamics and mass transfer equations in 
COMSOL. Simulation results demonstrated the importance of considering local 
permeate flux variability among axial direction in order to predict local concentration 
variations, especially flow recirculation regions. Flow recirculation regions were 
responsible for the local concentration polarization consistent with available 
experimental results for membrane scale formation. 
Lianfa Song and Shengwei Ma [13] investigated the impact of geometry of 
spacer filaments on concentration polarization and permeate flux in spiral wound reverse 
osmosis modules using the 2-D finite element model. The patterns of concentration 
polarization along the spacer-filled membrane channel were first investigated 
respectively for the membranes attached to and opposite to the transverse filaments. 
Ana I. Cavaco Morão, Ana M. Brites Alves and Vítor Geraldes [14] studied the 
flow structure and solute concentration distribution in a nanofiltration / reverse osmosis 
plate-and-frame module with radial thin feed channels considering the entrance and 
outlet effects using CFD method. Flow instability was found in the entrance and outlet 
regions, however, those instabilities don’t affect significantly the average concentration 
polarization on the membrane surface up to Re = 570. Mass transfer correlations for a 
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plate-and-frame module with 3D flow structure and highly non-uniform concentration 
polarization was derived. 
S. Wardeh and H.P. Morvan [15] developed a computational model with the help 
of ANSYS-CFX to study flow in the spacer-filled membrane channels. Simulation 
results, including the detailed flow patterns, pressure loss, and wall shear stresses, 
suggest that the zig-zag type of feed spacer is more economical and efficient compared 
with the submerged feed spacer from the aspect of reducing concentration polarization at 
the membrane surface. 
Abhijit Chaudhuri and Anoop Jogdand [16] presented ANSYS FLUENT 
simulation results for a closed rotor-dynamic RO filtration system. Simulation results 
showed that the more fluid mixing and permeate flux, less concentration polarization 
will be found for higher angular speed of the rotor. System level energy analysis showed 
that energy required to rotate the disk is very small compared to the energy supplied for 
permeate flow for small Reynolds number flow. 
Experiments with ladder-type, spacer-filled rectangular channels with a tracer 
injection flow visualization technique were performed by Geraldes et al. [17] to study 
the effects of spacer parameters on membrane performance. The flow visualization and 
friction factor measurements showed that critical Reynolds numbers increase with the 
decrease of the distance between spacers.
Fimbres-Weihs et al. [18] studied transient unsteady flows inside two 
dimensional spacer-filled channels using the CFD method. Unsteady flow patterns were 
observed inside the feed channels at Reynolds number of 841 and 1683. Vortices formed 
15 
and grew behind the feed spacer moving downstream with the bulk flow. The regions 
where the fluid flowed near the membrane wall contained both high mass transfer rate 
and high shear rate. 
2.3. Membrane Colloidal Fouling 
Membrane colloidal fouling is one main type of membrane fouling during the 
membrane desalination process. It refers the process that colloidal particles deposited on 
the membrane surface and formed a uniform porous cake layer to prevent permeate flux 
going through the membrane. Colloids are usually in the size range of 1 – 1000 nm and 
have a large surface area to volume ratio due to the small diameters [19]. 
In the RO crossflow desalination process, the colloidal particles are transported 
by both the bulk crossflow and permeate flux. Convection-diffusion equations are 
typically used to describe the colloidal particle transport in the membrane desalination 
process. The drag produced by the permeate flux is the main driven force of the particle 
accumulation and deposition on the membrane surface. And the back-diffusion will 
induce the particle near the membrane surface to move back to the bulk flow to reduce 
the particle accumulation. When building up the cake layer of particles, effective 
colloidal particle diffusion coefficient cD  is used to depict the process that crossflow 
induced colloidal particle backtransport into the bulk flow. When this backtransport 
force equals to the permeate flux induced drag force, temp-equilibrium was created. 
Several different mechanisms were pointed to be responsible for the particle 
backtransport phenomenon, including Brownian diffusion, shear-induced diffusion, 
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inertial-lift forces, etc [20]. Detailed discussion of the backtransport mechanism will be 
presented in Chapter 4.2.. 
Since the particle transportation is highly related with the permeate drag, the 
concept of critical flux was introduced to describe the limit of colloidal fouling. The 
critical flux is defined as a certain value of permeate flux below which a decline of flux 
with time does not occur; above it fouling is observed [21]. No obvious permeate flux 
reduction will be found when the membrane system permeate flux reaches its critical 
flux level. In other words, this system can be seen as a 'steady-state' system and this 
steady-state permeate flux can be treated as its critical flux. 
The critical flux concept has been widely and successfully applied in 
microfiltration, reverse osmosis and membrane bioreactor [22–25] and was clarified both 
theoretically and from an experimental viewpoint. It was found that the value of critical 
flux is highly related with flow hydrodynamics [21] and particle transport properties 
such as particle size and local shear rate [26]. The net flux ( )critJ J−  is used to identify 
whether colloidal particles will be deposited or not. The particle deposition rate is 
assumed to be proportional to the local net flux and local colloidal particle concentration 
[27]. 
Particles deposited on the membrane surface are expected to form a porous cake 
layer which introduces additional hydraulic resistance for permeate flux going through 
the membrane. This kind of resistance is well-known as the cake resistance and are 
developed and coupled with traditional osmotic pressure model mentioned in the 












where Rc is the hydraulic resistance caused by the porous cake layer itself and is pointed 
out to be highly dependent on the particle size [28,29]. 
Above mentioned hydraulic resistance is not the only effect of porous cake layer 
on membrane desalination. Porous cake will also make the membrane concentration 
polarization more serious and this phenomenon is so called cake enhanced osmotic 
pressure (CEOP) phenomenon which was first introduced by Hoek and Elimelech 
[30,31]. The solute back diffusion is hindered by the porous cake since the solute inside 
the cake layer needs to transport through the tortuous paths towards the bulk flow. 
[32]. Therefore, the CP phenomenon of salt solutes at the membrane surface is 
significantly increase which will greatly enhanced the corresponding osmotic pressure. 
According to the expression of permeate flux in equation (8), increased osmotic pressure 
will reduce the effective applied pressure, and thus reduce the permeate flux. 
Both cake hydraulic resistance and CEOP phenomenon contribute to the 
permeate flux decline for membrane under colloidal fouling. Experiments performed by 
Hoek, Kim and Elimelech [31] showed that CEOP effect may be the main reason of 
permeate flux decline for silica particles with 100 nm ± 30 nm particle size, in which the 
cake hydraulic resistance is comparatively negligible. 
Numerous simulations and experiments were performed to study the mechanism 
of the CEOP phenomenon. Kim and Chen [33] used the random walk simulation 
approach to study the diffusive tortuosity factor for solid and soft cake layers. Four 
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different structures were investigated including simple cubic, body-centered cubic, face-
centered cubic, and random colloidal cake structures. They found that for volume 
fraction less than 0.5, influence of cake structure can be ignored. This conclusion was 
also confirmed by Neale and Nader [34]. 
Chong [35] used sodium chloride tracer response technique to investigate the 
CEOP phenomenon for two model foulants, colloidal silica and alginic acids, in 
unstirred fouling layers during RO desalination process. The results of constant permeate 
flux experiments confirmed that the colloidal fouling layers in RO could significantly 
reduce membrane apparent permeability, and this was predominantly through the CEOP 
effect rather than through an additional cake hydraulic resistance. 
Systematic studies performed by Sim et al. [36] suggested that a lower crossflow 
velocity, higher permeate flux, higher salinity, and higher fouling concentration will 
cause more severe concentration polarization and a denser foulant layer. This will also 
induce an earlier occurrence of the colloidal metastability phenomenon. They also 
confirmed that a combination of TMP measurements and direct measurement of the 
foulant layer thickness via UTDR can be successfully used to study the colloidal fouling 
in RO systems. 
Lee and Clark [37] presented a numerical scheme to solve the steady-state two-
dimensional convection diffusion equation by assuming the solute concentration at the 
membrane surface cannot exceed a certain limiting value. They proved the effects of 
both molecular diffusion coefficient and shear-induced diffusion coefficient on 
membrane steady-state permeate flux. Their results also show that the steady-state 
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permeate flux increases with the axial velocity and decreases with the feed 
concentration. One limitation of their model is that they only considered the steady-state 
permeate flux for membrane desalination. In addition, the process of colloidal fouling 
growth and its effect on permeate flux is not discussed. 
Chong and Fane [38] proposed a predictive mathematical model, which includes 
both critical flux theory and CEOP phenomenon, to account for the performance of 
colloidal fouling controlled reverse osmosis desalination system. Effect of different 
variables such as cake thickness, critical flux, particle size, feed solution concentration 
and operation conditions on membrane performance were investigated using this 
calculation model. However, it is only a one dimensional fouling model which doesn’t 
includes the detailed fluid hydrodynamics calculation inside their model. And the cake 
thickness was assumed to be uniformed among the membrane. 
Weihs and Wiley [39] developed a cake-layer mass transfer model which 
incorporates CFD simulation to investigate the 2D CEOP phenomenon. They compared 
the simulation results with existing experimental results to validate the effect of CEOP 
phenomenon. In their model, the cake layer does not form part of the fluid domain and 
thus does not affect the hydrodynamics of the channel feed flow. Inside the cake layer, 
one-dimensional solute diffusion and hydrodynamics were studied. 
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2.4. Fouling Control in Membrane Systems 
In the previous section, we discussed about the mechanism of membrane fouling. 
Considering its effect on membrane performance and membrane lifetime, many efforts 
were devoted in the area of membrane system fouling control. There are three main 
categories of methods to control membrane fouling: 
1) Pretreat the feed solution to reduce the absolute amount of foulant which enters
the membrane desalination system [40]. 
2) Use anti-scalants or chemical cleaning [41].
3) Mechanically increase the shear rate and shear stress on the membrane surface
[42]. 
Investigation [43] showed that the softening pretreatment can reduce the 
membrane scaling by removing a large fraction of Ca2+ ions in the feed solution. 
However, when considering the RO membrane colloidal fouling, the use of 
microfiltration (MF) or even ultrafiltration (UF) as a pretreatment step, may not 
completely remove colloidal particles with small size. 
Chemical treatment such as the use of antiscalants has been studied to show the 
effect in mitigating silica fouling [44,45] and inorganic fouling [46]. However, it was 
also found that antiscalants may induce additional organic fouling in seawater 
desalination [47] and biofouling in groundwater treatment [48]. 
High shear rate at the membrane surface to reduce solute/particle deposition is 
known to be an effective way to reduce membrane fouling [49–52]. As mentioned in 
21 
Chapter 2.3, membrane system critical flux is highly related to the membrane local shear 
rate. By mechanically increasing the shear rate, the corresponding critical flux will also 
be increased. Since the critical flux is the sign of fouling occurs, membrane fouling will 
also be reduced when the critical flux is increased. Instead of traditional ways including 
increasing feed flow rate or reducing cross-section area, applications such as vibrating 
hollow fibers module (VHFM) [53], rotating disks systems [54] and vibratory shear 
enhanced processing (VSEP) [55] impose membrane vibration to increase the shear rate 
at the membrane surface. 
Inorganic fouling control performance of mechanical vibration in the dead-end 
hollow fiber membrane desalination was examined by Li et al. [56]. Hollow fiber 
membranes with diameters of 1.7mm and 2mm were vibrated at moderate frequencies 
(0–15 Hz) and small amplitudes (0–12 mm). The experimental results showed that the 
hollow fiber membrane performance can be greatly improved when the vibration 
frequency or the vibration amplitude increases beyond a threshold magnitude. 
Bilad et al. [57] proposed a novel magnetically induced membrane vibration 
system to study the effect of membrane vibration for membrane bioreactors. The results 
indicated significant improvement of critical flux, fouling rate and sustainability of 
operation in the vibrating system over conventional MBR processes. 
The performance of a VSEP module was investigated in both microfiltration 
(MF) and ultrafiltration (UF) of UHT skim milk [58]. The permeate flux was found 
increasing with the membrane surface shear rate in both MF and UF with torsional 
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vibration frequency in the range of 56 Hz to 61 Hz. The better performance of the VSEP 
can be attributed to its higher membrane shear rate which reduces concentration at 
membrane and the mass transfer. 
Experimental research investigated by Shi and Benjamin [59,60] indicated that 
inorganic fouling can be reduced by high shear rate at the RO membrane surface using 
the torsional vibration. They also found that an increase in vibration amplitude will 
decrease the membrane fouling and increase the rejection of most solutes. Instead of 
related with solely vibration frequency or vibration amplitude, membrane fouling rate is 
more sensitive to the membrane averaged shear rate. Another study performed by Shi 
and Befamin [61] also confirmed the membrane vibration will improve membrane 
natural organic matter (NOM)  and heated aluminum oxide particle (HAOPs) rejections 
in both dead-end and crossflow modes. 
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3. CONCENTRATION POLARZATION PREDICTION FOR VIBRATION
ENHANCED REVERSE OSMOSIS MEMBRANE SYSTEM WITHOUT FOULING1 
The performance of a vibration enhanced reverse osmosis membrane module for 
desalination of artificial seawater was investigated with computational fluid dynamics 
(CFD) simulations and experiments. The computational model couples fluid dynamics 
with solutes transport inside the full length domain containing ‘zigzag’ spacers using a 
two dimensional, transient Large Eddy Simulation turbulence model. Both the local 
concentration dependent solute properties and variation of permeate flux over the 
membrane surface were predicted with the model. Membrane local permeate flux, 
concentration polarization, shear rate, and mass transfer were also calculated. The results 
suggest concentration polarization in the seawater desalination process could be reduced 
by imposing vibration on the reverse osmosis membrane. It was determined that the 
higher the vibration frequency the higher the membrane permeate flux while keeping the 
vibration amplitude constant. The CFD simulation predictions are validated against 
experimental data of permeate fluxes with good agreement. 
1 Parts of this section are reprinted with permission from Su, Xu, et al. "Concentration polarization 
and permeate flux variation in a vibration enhanced reverse osmosis membrane module." Desalination 433 
(2018): 75-88, Copyright [2018] by Elsevier. 
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3.1. Introduction 
High pressure seawater reverse osmosis (RO) is one of the most economic 
approaches for desalination. One challenge of RO membrane system is the concentration 
polarization phenomenon caused by the accumulation of rejected solutes and particles on 
the membrane surface. Concentration polarization will reduce permeate flux through the 
membrane and accelerate the membrane fouling, which limits the membrane lifetime 
[62]. Therefore, accurate predictions of the solute local concentration profile, and 
concentration polarization improvement are highly desired for improved design and 
operation of membrane desalination systems. 
High shear rate at the membrane surface to reduce solute/particle deposition is 
known to be an effective way to reduce concentration polarization and increase the 
permeate flux in cross-flow membrane filtration [49–52]. Imposing motion of the 
membrane is one way to increase the shear rate at the membrane surface. Yeh and Cheng 
[63] used boundary layer theory to analyze membrane surface slip effect on the permeate 
flux in ultra-filtration. They found that the mass-transfer rate as well as permeate flux 
increase with the increase of the membrane slip velocity, which reduces the 
concentration polarization. A similar conclusion was also found by Chellam et. al [64] 
according to their 2D simulation of a channel bounded by one porous membrane wall 
boundary subject to uniform suction. 
The vibratory shear enhanced filtration process (VSEP) [55] is a commercial unit 
that relies on rapid membrane motion to induce large shear rate. The VSEP system can 
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be treated as a disk-shaped desalination cell attached to a central shaft, utilizing high 
frequency torsional vibration of membrane to impose membrane motion. AI Akoum et 
al. [65] performed experiments to investigate the performance of VSEP module in yeast 
microfiltration (MF) and bovine albumin ultrafiltration (UF). They found that for both 
yeast MF and bovine albumin UF, the higher the membrane shear rate, the higher the 
permeate flux with torsional vibration frequency in the range of 56 Hz to 61 Hz. 
Experimental research investigated by Shi and Benjamin [59] indicated that inorganic 
fouling can be reduced by high shear rate at the membrane surface imposed by the 
torsional vibration of VSEP system. A study proposed by Shi and Benjamin [60] 
revealed that an increase in vibration amplitude will decrease the membrane fouling and 
increase the rejection of most solutes. Varying both vibration frequency and amplitude 
showed that membrane fouling rate was almost invariant as long as the averaged shear 
rate is the same. However, the vibration amplitude of points near the center of shaking 
will have less effective shaking amplitude for the torsional vibration utilized in the 
VSEP system. This may not fully utilize the vibration benefit on salt concentration 
polarization reduction and fouling mitigation. 
In this study, a novel vibration enhanced desalination technique is proposed to 
address the RO membrane concentration polarization problem, with the aim of 
increasing membrane permeate flux and reducing membrane salt concentration.  In this 
technique, a RO membrane desalination cell is driven by linear actuators to impose axial 
rapid membrane vibration and large membrane surface shear rates. Fifteen cases for 
different vibration and flow conditions were first performed in the vibration enhanced 
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reverse osmosis membrane desalination setup to experimentally study the effect of 
vibration on RO membranes for seawater desalination. Detailed hydrodynamics were 
then analyzed using transient CFD simulation consisting of the fully coupled fluid 
dynamics and solute transportation governing equations performed for the 2D spacer-
filled, full length vibration membrane channel. Finally, the simulation results were 
validated by the corresponding experimental observations. 
3.2. Experimental Work 
3.2.1. Simulated seawater feed solution composition and membranes 
Distilled water was used to prepare the artificial seawater feed solution. The 
composition of feed solution is listed in Table 2. All chemicals used in feed water 
preparation were reagent grade and purchased from Fisher Scientific. 
The membrane used in all tests had 20 cm length × 3 cm width, yielding an 
effective membrane area of 60 cm2. Specifications for the membrane are summarized in 
Table 3 [66]. 
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Table 2. Feed water composition.





Table 3. Specification of the membrane. 
Membrane SWC6 MAX 
Vender Hydranautics 
Material Composite Polyamide 
Permeate Flowa 7.2 lpd 
Salt Rejection 99.8 % 
pH Range, Continuous 2 - 11 
Max Cl2 concentration 0.1 ppm 
Max Temperature 318 K 
aAt 55 bar applied pressure 
Reprinted with permission from [82]
Reprinted with permission from [82]
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3.2.2. Vibratory RO membrane test cell set up 
Figure 2 shows the vibratory RO membrane cell module, which is employed for 
all experiments. This membrane cell module has two separate parts. The upper part 
contains the high pressure feed channel, a feed water inlet port and a retentate outlet 
port. The height of the feed channel is 0.78 mm and the feed spacer is placed inside the 
feed channel. The feed spacer used in experiments is cut from conventional RO 
membrane unit. Square rubber O-rings are used for sealing. The bottom part contains the 
permeate channel and two permeate outlet ports. The permeate carrier is placed inside 
the permeate channel which collects and transports permeate water to permeate ports. 
The RO desalination cell is fixed on two shafts and supported by four linear 
bearings in Figure 3. A linear actuator (LinMot Inc., P01-48×360F/60×210) is controlled 
by a laptop-based program and is used to vibrate the cell at desired amplitude and 
frequency. For all vibration cases, vibration amplitude is fixed at 1.2 mm while vibration 
frequency varies from 20 Hz to 50 Hz. 
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Figure 2. Vibratory RO membrane cell diagram. Reprinted with permission from [82] 









Figure 3. Solid model of test cell arrangement. Reprinted with permission from [82] 
Figure 4 shows a hydraulic circuit diagram of the test installation. The stainless 
steel feed tank has a volume of 22.7 liters and serves as a supply for the stainless steel 
diaphragm pump (Hydra-Cell, M03BABTHFECA) which pressurizes the feed solution. 
The pulsation dampener (CAT, 6028) is used to absorb the feed flow pressure 
fluctuations. The inlet pressure and flow rate are measured by a digital pressure 
transducer (Omega, PX309-1KGV) and in-line flow meter just upstream of the 
desalination cell. The pressure relief valve and regulating valve are used to adjust the 
cell pressure and feed flow rate, respectively. The retentate flow goes through the 
regulating valve to reduce pressure to atmosphere and goes back to the feed tank. The 
permeate flow is collected and measured at the desalination cell side. Permeate flow is 
poured back to the feed tank after measuring in order to keep the feed water salinity 
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constant. The concentration of the feed water and permeate water was measured by a 
conductivity meter (Hana Instruments Inc., HI98192), which has an EC accuracy of 0.01 
S/cm. 
Figure 4. Experimental system diagram. Reprinted with permission from [82] 
3.2.3. Experiment Procedure 
A new membrane was used for each experiment and was first compacted using 
distilled water at an operating pressure of 55 bar for at least 4 hours until a stable 
baseline permeate flux was obtained. 



















Non-vibration membrane cases with three different inlet flow rate were performed in 
order to establish the benchmark data to compare with the vibration test cases. Vibration 
values, permeate flux, permeate salinity, feed pressure and feed water temperature were 
recorded during each vibration membrane test, while keeping the feed flow rate and feed 
pressure constant. 
A feed pressure of 55 bar was employed for all tests and three different feed flow 
rates were utilized: 0.3785 lpm , 0.5678 lpm , and 0.7570 lpm . These feed flow rates 
produced three different inlet Reynolds numbers: Re = 344, 516 and 688, respectively. 
The feed solution temperature was kept in the temperature range of 25 ± 1 
o C  and
measured by a J-type thermocouple with 0.1 
o C  accuracy.
3.3. Theory and CFD Numerical Simulations 
3.3.1. Governing equations 
The hydrodynamics of the transient two-dimensional flow inside a spacer-filled 
RO membrane channel is described by the following governing equations. 
Continuity equation: 
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Solute transport of a non-reacting solution in the RO membrane channel is 
governed by the convection-diffusion equation: 
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where ic  and iD  are the concentration and diffusivity of solute i . 
Please note that, although the flow velocity is below the Mach number, fluid 
density is not a constant. It depends on the local salt concentrations which is mentioned 
in Table 4. The density change is relatively small (less than 3%) and it is not sufficient to 
generate pressure waves. Pressure induced density change is neglected. 
3.3.2. Geometry and mesh generation 
A rectangular 2D membrane channel filled with 'zigzag' cylindrical spacers was 
adopted as the computational domain. The simulation domain is 200 mm in length and 
0.78 mm in height, which has the same dimensions as the experimental setup described 
in Section 2.2. The left and right boundaries are the inlet and outlet for this channel. The 
top wall is impermeable wall while the bottom is a semi-permeable RO membrane. 
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Structured mesh generated using ICEM-CFD (Ansys, Inc., Canonsburg, PA) was 
adopted in this simulation to obtain accurate results with low computing time. Figure 6 
depicts representative details of the mesh structure. The mesh near the membrane is 
much finer due to the expected large concentration gradient near its surface. 
Figure 5. Representative mesh structure.  Reprinted with permission from [82] 
Each set of two successive spacers comprises one 'cell element' as shown in 
Figure 6. This pattern is repeated 35 times in the simulation domain. The entire 
computational domain consists of the 35 repeated 'cell elements' and a 0.5mm length exit 
area. Each 'cell element', has ml  = 2.85 mm and sr  = 
1
4
h  = 0.195 mm. This 'zigzag' 
geometry is closely similar with the spacer-filled channel in the experiments. 
Four simulations were conducted using 
54.06 10 , 
56.80 10 , 
58.48 10  and 
510.6 10  cells in order to eliminate the effect of mesh quality and size on the results. 
Figure 7 shows the steady membrane permeate flux profile in the middle of the 18th cell 
element which is far enough inward to avoid the influence of the inlet and outlet. A mesh 
with 
56.80 10  cells has a good enough accuracy when predicting membrane permeate 
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flux. Hence, the computational grid was constructed using 
56.80 10  cells. For this mesh
size, the first cell height on the membrane boundary and spacer wall boundary are 0.8 
m  and 3 m , respectively. 
(A) 
(B) 
Figure 6. Model geometry. (A) The whole simulation domain. The dashed box shows 
one unit cell element. The unit cell element is repeated 35 times in the simulation 
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Figure 7. Membrane permeate flux profile using different mesh sizes. Reprinted with 
permission from [82] 
3.3.3. Boundary conditions 
The membrane local permeate flux is defined by Darcy's law for porous media: 




 is the membrane hydrodynamic permeability, 
P
 is the applied trans-
membrane pressure which equals the difference between the feed channel pressure and 




In this case, 
K
 is assumed to be a constant for a given membrane system and can 
be calculated from pure water experiments. There is no solute inside the system in the 

























































The constant K  is obtained using Equation (14) and measuring J  and P  with a 
flow meter and pressure gauge, respectively. 
The following fully developed velocity profile and solutes concentrations are 





= −  
0v =  
,i i bc c=  
(15) 
where 
,i bc  is the inlet bulk concentration of solute i  and u  is the averaged feed inlet 
velocity which is set to match the corresponding experimental flow condition. The 
experiment's feed composition shown in Table 2 was also utilized in the simulation. 
Three given feed channel Reynolds numbers 344, 516 and 688, corresponding with the 
experimental inlet flow rates 0.3785 lpm , 0.5678 lpm , and 0.7570 lpm , are considered 
in the simulations. 








where hd  is the hydraulic diameter for the spacer-filled membrane channel: 
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where h  is the channel height = 0.78 mm, sr  is the spacer radius = 
1
4
h  = 0.195 mm, 






 = (18) 
where totV  and spV  are the total channel volume (channel length × channel height for 2D 
simulations) and volume occupied by spacers (area of circular spacers cutplane for 2D 
simulations), respectively. 
The pressure outlet boundary condition in the simulations is set equal to the 
measured outlet pressure of the membrane channel, and the velocity gradient and solute 
concentration gradient are assumed to be zero since the outlet boundary is far away from 








The given vibration velocity and no solute flux boundary condition are imposed 
at the non-membrane wall: 
2 sin(2 )u fA ft =  









where A  and f  are the vibration amplitude and frequency, and A  is 1.2 mm, and f  is 
20 Hz, 30 Hz, 40 Hz and 50 Hz in the simulations. ?⃗?  is the unit normal vector at the wall 
boundary. In the FLUENT simulation, the velocity value calculated in equation (20) was 
added as the boundary velocity using UDF code to achieve the boundary vibration in the 
given manner. 
The boundary conditions for x flow velocity equal to vibration velocity, diffusive 
and convective fluxes being equal, and salt solute concentration are imposed at the 
membrane wall as: 
2 sin(2 )u fA ft =
 
v J= −  
,
i








where J  is the membrane local permeate flux determined via Equation (13), ,i rejR  is the 











= − (22) 
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where 
,i pc  and ,i mc  are the permeate concentration and membrane local concentration of 
solute i. In this simulation, the 
,i pc  are experimentally measured, and the ,i mc  are 
unknown and obtained via the CFD simulation. 
3.3.4. Numerical simulation 
Transient simulations were performed using the LES turbulence model in order 
to obtain an accurate prediction of the vibratory membrane performance in reducing 
concentration polarization. The LES model separates the turbulent flow field into a 
combination of the large, energy-containing part and sub-grid part using the 
Smagorinsky-Lilly subgrid-scale model [68]. The resolved part represents the large 
eddies which control the flow behavior and the turbulent transport. The subgrid part 
represents the small scales which are assumed to be isotropic [69]. 
The space filter which was used to separate large and small scales in the whole 
domain D has the filtering kernel G [70]: 
( , ) ( , ) ( , ) ( )i
D
u x t G x t u t d  = − (23) 
After applying the filtering operation, the filtered Navier-Stokes equations of 



























where sub-grid stresses (SGS) 
ji  are defined as: 
( )ji j i j iu u u u = −  (26) 
Fluent (Ansys, Inc., Canonsburg, PA) was used here as the CFD based solver of 
the coupled continuity, momentum and solute transport equations via the SIMPLEC 
algorithm. A second order upwind scheme is applied to interpolate solute variables, and 
the momentum equations are spatially discretized with the bounded central differencing 
approach. Time is discretized using a 2nd order implicit method.   
The concentration dependent model parameters such as viscosity, diffusivity, and 
osmotic pressure are shown in Table 4 [11,72–74]. In this table, c denotes solute 
concentration in 
1mol L−   unit. 
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Table 4. Concentration dependent viscosity, diffusivity and osmotic pressure for single salt solutions.
Solute c 
(mol L-1) 
Density ρ (kg m-3) Viscosity μ  (×103 
Pa s) 
Diffusivity D (×109 m2 s-1) Osmotic Pressure π (bar) 
NaCl 995.7 + 38.54c 1.004 + 0.08c 1.45 for 0.1 < c < 1.5 47.93c 
CaCl2 995.7 + 89.72c for 
c < 0.6 
1.004 + 0.2981c 
for c < 0.6 
(1.176 + 107.5c)/(1 + 95.24c + 
26.03c2) for c < 0.132; 
1.134 − 0.3213c + 0.2319c2 − 
0.1553c3 for 0.132 < c < 0.6 
62.35c + 13.14c2 + 
8.993c3 for c < 0.6 
Na2SO4 995.7 + 11.91c for 
c < 0.6 
1.004 + 0.4094c 
for c < 0.6 
(1.08 + 129.3c)/(1 + 124.5c + 
40.92c2) for c < 0.108; 
1.042 − 0.3225c + 0.1048c2 − 
0.07547c3 for 0.108 < c < 0.6 
56.29c − 28.37c2 + 
23.05c3 for c < 0.6 
MgSO4 995.7 + 11.88c for 
0.05 < c < 0.5 
1.004 + 0.06092c 
for 0.05 < c < 0.5 
0.7288 − 0.1929c + 0.1517c2 − 
0.9297c3 for 0.05 < c < 0.5 
33.08c − 178.9c2 + 
942.7c3 for 0.05 < c < 0.5 
Reprinted with permission from [82]
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The Refutas index method [75] was used to predict the blend viscosities of the 
mixture. In this method, the Refutas index of each component ( iVBI ) and the Refutas 
index of the blend (VBI ) are calculated using Equations (27) and (28). In Equation 
(20), i is the mass fraction of component i. 




VBI VBI = (28) 
Very small time steps are required to adequately resolve the unsteady flow inside 
the vibratory channels for turbulence simulation. A time step of 62.0 10− s was used for 
all non-vibration and vibration cases. This value is smaller than time steps used in 
previous simulations [15,18,76,77], and the chosen time step also yields a maximum 
Courant number of approximately 0.2 which is sufficiently small to perform LES 
simulation. 
Simulations were judged to be converged once the absolute mass, momentum, 
and solute concentration residuals were smaller than 65 10− , 65 10−  and 91 10− , 
respectively. Higher convergence requirements are needed for solutes concentration 
since it plays a pivotal role in calculating membrane concentration polarization and 
permeate flux variation along the membrane surface. 
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3.3.5. Post-processing 
3.3.5.1. Concentration polarization modulus 
The concentration polarization (CP) modulus of solute i  is evaluated from the 
simulated solute concentration 










 = (29) 
3.3.5.2. Membrane surface shear rate 










3.3.5.3. Membrane surface Sherwood number 
The membrane surface Sherwood number for solute i is determined from: 
( )





























In Equation (32), ,i bc  and ,i mc  are the bulk flow concentration and adjacent 
membrane concentration of solute i , respectively. The parameter hd  is the hydraulic 
diameter for a spacer-filled membrane channel which is defined in Equation (17). 
3.4. Results and Discussion 
Table 5 shows the model parameters used in CFD simulations, including twelve 
different vibration cases and three non-vibration cases. The CFD computations were 
performed for one vibration period in all vibration cases since the vibration period T is 
much larger than the vortex shedding time and the vibration has a higher influence on 
the membrane desalination. Non-vibration cases were also studied for 0.02 s as the 
control group. 
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Table 5. Summary of CFD simulation conditions.
Run 
No. 






1 344 0 NA 55 
2 344 20 1.2 55 
3 344 30 1.2 55 
4 344 40 1.2 55 
5 344 50 1.2 55 
6 516 0 NA 55 
7 516 20 1.2 55 
8 516 30 1.2 55 
9 516 40 1.2 55 
10 516 50 1.2 55 
11 688 0 NA 55 
12 688 20 1.2 55 
13 688 30 1.2 55 
14 688 40 1.2 55 
15 688 50 1.2 55 
Reprinted with permission from [82]
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3.4.1. Membrane local concentration polarization profile 
NaCl is the dominant solute in the feed solution responsible for most part of the 
salt osmotic pressure. A lower membrane NaCl CP modulus means that a lower 
operation pressure is needed to get the same permeate production for a given membrane 
system and feed solution. This will reduce the energy cost significantly in the real RO 
membrane seawater desalination system. Additionally, CaSO4 is a barely soluble mineral 
salt in the feed solution, which leads to mineral salt scaling on the membrane surface. 
Therefore, both NaCl and CaSO4 membrane concentration polarization profiles were 
predicted and are shown in this section. Since the solubility of CaSO4 in water is lower 
than other possible calcium compounds such as CaCl2, gypsum crystals are more eager 
to appear at the membrane surface compared with CaCl2 crystals for the given solution 
and desalination operation used in experiments. the authors use the concentration value 
of Ca2+ as the amount of potential CaSO4 dissolved in the solution and use this value to 
check the possibility of the gypsum formation. 
Figure 8 depicts membrane local NaCl concentration polarization modulus 
variation at the membrane surface with time for fifteen different flow and vibration 
cases. For three non-vibration cases (black lines), the higher the Reynolds number was, 
the lower NaCl CP modulus was. Increased inlet Reynolds number mitigates the salt 
accumulation near the membrane for the non-vibration cases. More salt will be 
transported back into the bulk flow thus avoiding the membrane surface accumulation at 
the high Reynolds number condition. 
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Similar with the non-vibration cases, increasing the inlet Re numbers will also 
reduce the NaCl CP modulus for vibration cases while keeping the vibration frequency 
the same (the same line color). Consideration of the effects of vibration, all vibration 
cases have lower NaCl CP modulus than the corresponding non-vibration cases for all 
three Re numbers. 
From Equations (20) and (21), the membrane wall moves with acceleration: 
2(2 ) cos(2 )a f A ft =  (33) 
As shown in Equation (33), the vibration acceleration at the membrane boundary 
forms a cosine curve for all vibration frequencies. The vibration acceleration equals to 
zero when T = 0.25 and 0.75. The local NaCl CP modulus reaches local maximum at 
these times. Similarly, vibration acceleration reaches its peak value when T = 0, 0.5 and 
1, and the local NaCl CP modulus reaches a local minimum at these times. The wave 
form of NaCl CP curves for all vibration cases are similar with sine wave, especially for 
low Re case. These results strongly indicates that the NaCl CP is highly dominated by 
membrane vibration, especially for low Re case. For the high Re cases, due to the 
complexity of the fluid flow itself, NaCl CP is not strongly affected by membrane 
vibration compared with low Re cases. 
Cases with the higher vibration frequencies have lower NaCl CP modulus when 
keeping the Reynolds number the same (the same line symbol). Increasing the vibration 
frequency, while keeping the vibration amplitude constant, causes an increase in the 
overall shear rate at the membrane surface. 
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Figure 8. Membrane NaCl concentration polarization modulus variation with time.
Reprinted with permission from [82]
Figure 9. Membrane CaSO4 concentration polarization modulus variation with time.
Reprinted with permission from [82]
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Figure 9 shows the membrane surface CaSO4 concentration polarization modulus 
variation with time for different flow and vibration conditions. Similar with the NaCl CP 
profile, higher inlet Reynolds number and higher vibration frequency will result in lower 
CaSO4 CP modulus. 
Figure 10 shows the time averaged NaCl and CaSO4 concentration polarization 
modulus at the membrane surface for cases with different vibration frequencies. Similar 
to the conclusions based on Figure 8, under the same vibration conditions, cases with 
higher Reynolds numbers have lower membrane surface salt CP modulus, and with the 
same inlet Reynolds number, a higher frequency induces a lower salt CP modulus. By 
comparing NaCl and CaSO4 values, it is found that under the same flow and vibration 
conditions, the CaSO4 CP modulus is slightly higher than NaCl CP modulus. This shows 
that the CaSO4 accumulation is more severe than NaCl. Thus CaSO4 is more difficult for 
the bulk flow to carry out from the membrane surface area. 
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Figure 10. Time averaged membrane NaCl and CaSO4 concentration 
polarization modulus. Reprinted with permission from [82]
Figure 11 shows the CaSO4 CP modulus distribution in the middle filament at 
different times for the Re = 344, 50 Hz vibration case (top) and Re = 344, non-vibration 
case (bottom). The middle (the 18th) cell element was chosen as the example cell element 
to visualize detailed flow characteristic, salt solute concentration, and membrane local 
permeate flux since it is far enough to avoid the influence of the inlet and outlet 
conditions. From these figures, there is no obvious change of the CaSO4 CP modulus 
distribution inside the non-vibration case (bottom figures) and the corresponding 
maximum CaSO4 CP modulus is 3.8. For the Re = 344, 50 Hz vibration case (top 
figures), obvious transient patterns were observed. Salt accumulated on the membrane 
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surface near the spacer was transported back to the bulk flow. The maximum CaSO4 CP 
modulus is 2.5 which is much lower than 3.8 in non-vibration case. 
Previous investigations [78–80] show that reducing the local CaSO4 CP modulus 
will reduce the rate of gypsum precipitation and membrane fouling since the new nuclei 
nucleation rate and crystal growth rate are related to local CaSO4 concentration and 
degree of saturation. Our simulation shows that membrane vibration reduces CaSO4 
concentration at the membrane surface, especially at the membrane-spacer connection 
area. This CaSO4 concentration reduction will also reduce the gypsum precipitation and 
membrane fouling potential. 
3.4.2. Shear rate and detailed flow behavior 
Figure 12 shows the membrane surface shear rate variation with time when Re = 
344. As expected there is almost no variation in shear rate for the non-vibration case. 
The figure also shows that the boundary-peak shear rate significantly increases with 
vibration frequency. 
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(a) t = 5 ms 
(b) t = 10 ms 
(c) t = 13.8 ms 
Figure 11. CaSO4 CP modulus distribution in the middle filament when (a) t = 5ms, (b) t 
= 10 ms and (c) t =13.8 ms for 50 Hz vibration (top) and non-vibration case (bottom).
Reprinted with permission from [82]
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Figure 12. Membrane boundary shear rate variation with time for Re = 344 cases.
Reprinted with permission from [82] 
The root mean square (RMS) value of membrane shear rate was adopted in order 
to show the effect of vibration on membrane shear rate. The expression for RMS value 
of the membrane shear rate in one vibration period is shown in Equation (34). Figure 13 
shows the RMS of membrane boundary shear rate value vs. vibration frequency. It is 
clear that boundary shear rate is greatly increased by vibration especially for the Re = 
344 case. The shear rate increase induced by membrane vibration for Re = 688 is 
significant but relatively smaller than in the low Re case. This is due to the complexity 
of the flow condition near the feed spacers with Re = 688. 
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 =   (34) 
Velocity vectors near the downstream face and the upstream face of the 
membrane spacer are visualized in this section. The physical significance of this is that 
the fluid behavior in the feed channel especially near the spacers plays a very important 
role in the salt accumulation and diffusion near the membrane. The Re = 344 and 50 Hz 
vibration were chosen for the example to show the difference between non-vibration and 
vibration cases. 
Figure 13. RMS of membrane boundary shear rate vs. vibration frequency.
Reprinted with permission from [82] 
























 Re = 344
 Re = 516
 Re = 688
56 
Figure 14 shows the velocity vector profile in the middle filament over 20 ms for 
the Re = 344, 50 Hz vibration case (top) and Re = 344, non-vibration case (bottom). 
Similar with previous investigations [18,81], it is useful to label vortices near the bottom 
spacer area to track their generation, growth, movement and decay over time. 
A small recirculation region was formed near the spacer upstream face while a 
larger recirculation region was located at the spacer downstream area in both non-
vibration and vibration cases. Vortices formed in both regions and moved downstream 
with the bulk flow, and vortex shedding is found in the spacer downstream area. In all 
subfigures of Figure 14, two or three successive big vortices can always be found in the 
downstream area of the spacer, whether the membrane vibrate or not. They tend to move 
with the bulk flow and slightly towards the membrane. These successive vortices will be 
called 'dominant downstream' vortices for simplicity in the following discussion. 
The membrane boundary velocity is positive during the first half cycle of 
shaking, t = 0 ms - 10 ms, for the 50 Hz vibration case. Near the start of the calculation, 
when t = 0.8 ms (Figure 14(a)), three 'dominant downstream' vortices are marked as 
vortex 1 - 3. There are no vortices in the upstream side of the spacer, which describes the 
non-vibration case and the vibration case. 
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(a) t = 0.8 ms 
(b) t = 3 ms 
(c) t = 5 ms 
Figure 14. Velocity vector profile in the middle filament during one vibration time 
period (20ms) for 50 Hz vibration (top) and non-vibration case (bottom).  Shed 
vortices are identified by numbers 1-15. Reprinted with permission from [82] 
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(d) t = 8.4 ms 
(e) t = 10 ms 
(f) t = 11.4 ms 
Figure 14. Continued. 
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(g) t =13.8 ms 
(h) t = 17.2 ms 
(i) t = 20 ms 
Figure 14. Continued. 
60 
When t = 3 ms (Figure 14(b)), it is interesting to note that there are two vortices 4 
and 5 formed between the membrane and the two 'dominant downstream' vortices for the 
vibration case. This is mainly due the interaction between positive x-velocity at the 
membrane surface and negative x-velocity in the bottom of the 'dominant downstream' 
vortices. Two parallel vortices 6 and 7 are created at the upstream side of the membrane 
spacer, and have the opposite rotation direction. These two vortices will enhance the 
membrane local salt mass transfer and reduce the concentration polarization. Low 
membrane local velocity will reduce the salt mass transportation process. There are no 
vortices 4 and 5 formed near the membrane for non-vibration case. Another difference is 
that there is only one vortex 6 formed at the upstream face for the non-vibration case 
compared with two vortices in the vibration case. In the vibration case, the different 
velocity direction between the bottom of vortex 6 and membrane boundary induces 
vortex 7, increases flow complexity and enhances local mass transport. Similar with 
Figure 14(b), in Figure 14(c) and Figure 14(d), more vortices appear near the membrane 
in the vibration case compared with the corresponding non-vibration case. The 
membrane boundary velocity equals to 0 when t = 10 ms (Figure 14(e)), which is the 
same as the non-vibration case. 
From Figure 14(e) to Figure 14(i), the difference in the number of vortices 
between the vibration case and the non-vibration case is not that obvious as in the time 
period: 0 ms - 10 ms. The reason is that during t = 10 ms - 20 ms, the membrane 
boundary velocity will become negative which is the same direction as the x-velocity of 
the fluid in the bottom of the 'dominant downstream' vortices.   
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Summarizing key observations: (a) flow in both the vibration and non-vibration 
cases follow the ‘zigzag’ pattern formed by the spacer geometry, (b) significant unsteady 
flow behavior occurs for the non-vibration and vibration cases, (c) imposed boundary 
vibration spawns vortex generation and decay at the membrane surface and also 
increases the boundary shear rate, and (d) as a result of imposed boundary vibration salt 
mass transfer is enhanced, salt CP modulus is reduced and membrane permeate flux is 
increased. 
3.4.3. Membrane local mass transfer and Sherwood number 
The Sherwood number is widely used when evaluating membrane performance 
since it eliminates the effect of inlet conditions and channel length. By calculating the 
Sherwood number, we can evaluate the salt mass transfer especially near the membrane 
surface for different inlet Reynolds numbers and different vibration frequencies. 
Figure 15 depicts membrane surface NaCl Sherwood number profile variation 
with time for different flow and vibration conditions. The NaCl Sherwood number is 
seen to increase with Reynolds number by considering the three non-vibration cases 
(black lines). Increased inlet Reynolds number will increase the membrane local salt 
mass transport rate to the bulk flow. All vibration cases show better Sherwood number 
profile compared with corresponding non-vibration case. A second trend is that the 
higher vibration frequency, the higher the NaCl Sherwood number. 
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Figure 16 shows membrane surface CaSO4 Sherwood number profile variation 
with time for different flow and vibration conditions. Figure 17 shows the time averaged 
membrane NaCl and CaSO4 Sherwood number profile vs. vibration frequency. 
Time averaged NaCl Sherwood number is increased by vibration for all Re 
numbers. The maximum Sherwood number increment is around 13% for the 50 Hz 
vibration cases. CaSO4 Sherwood number profile shows similar trends with NaCl 
Sherwood number profile. By comparing time averaged NaCl and CaSO4 Sherwood 
number profile, it is found that under the same flow and vibration conditions, CaSO4 
Sherwood number is slightly higher than NaCl Sherwood number. For the concentration 
appearing in this simulation set, the diffusivity of CaSO4 is much lower than NaCl as 
shown in Table 4. Since the Sherwood number is the ratio of convective mass transfer 
rate and diffusive mass transport rate shown in equation (31), even with a higher 
Sherwood number, the CaSO4 solution convective mass transfer rate 4( )m CaSOk  is still 
lower than NaCl which means CaSO4 is easier to accumulate at the membrane surface. 
This also explains the phenomenon found in the concentration polarization section, 
namely that the CP modulus of CaSO4 is higher than NaCl. 
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Figure 15. Membrane NaCl Sherwood number variation with time. 
Reprinted with permission from [82]  
Figure 16. Membrane CaSO4 Sherwood number variation with time. 
Reprinted with permission from [82]  
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Figure 17. Time averaged membrane NaCl and CaSO4 Sherwood number vs. 
vibration frequency. Reprinted with permission from [82] 
3.4.4. Membrane local permeate flux profile 
Figure 18 shows normalized permeate flux variation with time for different flow 
and vibration conditions. Permeate fluxes for all cases were compared with the Re = 
344, no vibration case to get the normalized permeate flux for better understanding of 
the effect of both Re numbers and vibrations. Equation (13) and Table 4 show that the 
higher the membrane local salt concentration, the lower the membrane permeate flux. 
Consistent with the CP modulus profile shown in Figure 10, the time averaged 
permeate flux for vibration cases are higher than for the non-vibration cases over all Re 
numbers. 
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Figure 18. Normalized permeate flux variation with time.
Reprinted with permission from [82]  
3.4.5. Comparison between CFD simulation results and experimental results 
Figure 19 shows very good agreement between simulation and experiment 
derived time averaged normalized permeate flux. The zero frequency point in this figure 
corresponds to the no vibration case. The trend shows that the higher the vibration 
frequency, the higher the permeate flux. By comparing the 50 Hz and non-vibration 
cases for Re = 516, a maximum increase of 10 % was found. As expected, Figure 18 and 
Figure 19 show similar trends for the dependency of permeate flux on Re and frequency. 
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Figure 19. Time-averaged permeate flux in both simulations and experiments.
Reprinted with permission from [82]  
3.5. Conclusions 
The effectiveness of a new approach to desalination utilizing RO membrane 
vibration was confirmed utilizing experimentation with artificial seawater and by CFD 
simulations including coupled motion and mass transfer equations. The CFD simulations 
provided highly accurate, time-dependent membrane surface permeate flux distribution, 
NaCl and CaSO4 concentration polarization profiles, and mass transfer and flow patterns 
in the spacer-filled channel over one vibration time period. The CFD derived transient 
flow patterns were intuitively consistent for the non-vibration and vibration cases. The 
CFD predicted eddies near the membrane surface in the vibration cases reduced the 
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NaCl and CaSO4 concentration polarization and consequently increased the membrane 
mass transfer rate. The reduced membrane CaSO4 concentration polarization resulting 
from the imposed vibration also reduces the membrane local gypsum fouling rate. The 
simulations showed that the CP modulus decreases and the permeate flux increases as 
the vibration frequency increases, with a constant amplitude imposed vibration. The 
improvements in CP and flux change rapidly up to 20 Hz, and then slow considerably 
for higher frequencies. This suggests that in tuning the vibratory system it is important to 
locate and use the minimum frequency above which added benefits are relatively small. 






4. COLLOIDAL FOULING LAYER EVOLUTION FOR REVERSE OSMOSIS 
MEMBRANE SYSTEM WITHOUT VIBRATION 
 
A two-dimensional numerical model simulating colloidal particle deposition and 
fouling was developed by integrating fluid flow and solute mass transfer inside the 
membrane feed channel. This model is able to animate the process of colloidal fouling 
accumulation by simulating the process of colloidal particles deposition on membrane 
surface and occupying the fluid zone into the porous cake zone. The cake layer was 
treated as homogeneous porous media domain with constant porosity. This model 
predicts the porous cake layer thickness distribution among membrane surface and its 
effects on the cake-enhanced osmotic pressure (CEOP). The performance of the 
membrane system under the influence of silica colloidal fouling in terms of initial 
permeate flux, channel Reynolds number, concentration of silica particles and feed 
spacers were investigated using this model. Model simulations are validated against 
experimental data of permeate fluxes with good agreement. 
 
4.1. Introduction 
 Crossflow membrane filtration is one of the most economic approaches for 
seawater and brackish water desalination. Membrane concentration polarization (CP) 
phenomenon, which is caused by the accumulation of rejected solutes and particles, will 




membranes. Several experimental and numerical investigations were performed to study 
the CP effect without considering the effect of membrane fouling [11,17,18,82]. 
 When talking about the long-term operation performance, membrane colloidal 
fouling may be considered a critical problem since it will greatly reduce the membrane 
lifetime and increase the membrane surface CP. The salt ion back-diffusion is hindered 
inside the fouling layer [32]. Therefore, the CP phenomenon of salt solutes at the 
membrane surface is significantly increased which will greatly enhance the 
corresponding osmotic pressure. This phenomenon is the so-called cake enhanced 
osmotic pressure (CEOP) effect. Simulations ignoring the CEOP phenomenon have been 
reported to overestimate the effect of ‘cake resistance’ itself on permeate flux decline 
[30]. 
 The concept of critical flux is utilized to predict the membrane performance 
under the effect of fouling. Noticeable flux decline with time does not occur when a 
membrane system operates below the level of critical flux [21], and operation above the 
corresponding critical flux level will cause particle deposition and cake layer formation. 
The critical flux theory has been widely used to characterize the membrane colloidal 
fouling [83].  
 In this chapter, a novel mechanistic model, which includes both the critical flux 
theory and the CEOP phenomenon, is proposed to analyze the process of membrane 
colloidal fouling. The cake layer, which was treated as homogeneous porous media, was 




process, the porous cake layer formed by colloidal particles also reduces the channel 
height, and affects the hydrodynamics inside the channel flow. Concentration dependent 
fluid properties and an axial variation of permeate flux were considered in the simulation 
model. The animation of the colloidal fouling layer growth with time was obtained based 
on this simulation model. Then, the impacts of membrane desalination system operation 




4.2.1. Fluid flow governing equations 
 The hydrodynamics of the two-dimensional steady state flow inside a spacer-
filled RO membrane channel can be described by the following governing equations: 
 Continuity equation: 








 Momentum equations: 





























 Since the concentration of colloidal particles is much lower than the 
concentration of sodium chloride, the influence of the colloidal particles on fluid 
properties was ignored. The sodium chloride concentration-dependent fluid properties 
such as density, viscosity, osmotic pressure and diffusivity were shown in Table 6 [74], 
where cn is the sodium chloride concentration with the unit of g g
-1 and data in this table 
is valid for 0 < cn < 0.09. It should be noted that, although the effect of pressure on fluid 
density is neglected and the flow velocity is below the Mach number, fluid density is not 
a constant and can be treated as a function of the local sodium chloride concentration. 
The density change is relatively small (less than 3%) and it is not sufficient to generate 
pressure waves.  
 
 
Table 6. Concentration dependent fluid properties. 
Density ρ (kg m-3) 997.1×(1+0.696 cn) 
Viscosity µ (×103 Pa s) 0.89×(1+1.63 cn) 
Osmotic pressure π (bar) 805.1× cn 
Diffusivity Dn,0 (×10






4.2.2. Porous cake filtration model 
 The cake filtration model has been widely adopted to analyze membrane 









=  (38) 
where ∆P is the applied transmembrane pressure, Rm is the membrane intrinsic 
resistance, µ is the fluid dynamic viscosity, and ∆π is the sodium chloride osmotic 
pressure difference across the membrane. 
 For a fouled membrane, an additional hydraulic resistance Rc caused by the 












 It should be noted that Rc is not the only difference between the two systems. For 
a fouled membrane, the porous cake increases the concentration polarization at the 
membrane surface and the osmotic pressure difference term, ∆π. By increasing the total 
hydraulic resistance and NaCl concentration at the membrane surface, the colloidal 
fouling cake reduces the membrane performance and permeate production rate. 
 The cake resistance Rc can be deduced from the mass of the colloidal particle 





c c cR m=  (40) 












=  (41) 
where ε is the local cake porosity, ρc is density of colloidal particle, and a is the radius of 
colloidal particle. In this study, porosity of fully deposited cake layer is assumed to be a 
constant = 0.4 [86]. 
 
4.2.3. Solute NaCl mass transfer and CEOP effect 
 The two-dimensional transient transportation of solute NaCl was depicted by the 
following convection-diffusion equation:  
 ( )
( ) ( ) 0n nn n n n
nc c cuc D vc D
t x x y y
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 (42) 
where cn and Dn are the concentration and diffusion coefficient of NaCl. 
 For a desalination system with a fouled membrane, the fouling cake is on the 
membrane surface and is assumed to be an isotropic porous medium for both fluid flow 
and solute transport [34]. Equation (42) can be applied in both the fluid domain and the 




through tortuous paths towards the bulk flow. As a result, the solute back diffusion is 
hindered by the porous cake and concentration polarization is increased. This is known 
as the cake enhanced osmotic pressure (CEOP) phenomenon [30,31]. In order to depict 
the influence of CEOP phenomenon on the local mass transfer, the NaCl solute diffusion 








where Dn,0 is the diffusivity without effect of porous media which can be obtained by 
Table 6, ε is local cake porosity; ( )21 ln  −  is local cake tortuosity.  
 By equation (43), the porous cake greatly reduces the salt mass transfer near the 
membrane surface. As an example, for a cake layer with porosity of 0.4, the expected 
effective solute diffusivity is only 14% of the unhindered solute diffusivity. This will 
result in a much higher membrane surface concentration polarization value compared 
with clean membrane. 
 
4.2.4. Colloidal particle mass transfer and critical flux concept based deposition model 
 The concept of critical flux was introduced by Field et al. [21] and has been 
widely used to analyze membrane performance and characterize colloidal fouling [87]. 
Noticeable flux decline with time does not occur when a membrane system operates 
below the level of critical flux [88]. Operation above the corresponding critical flux level 




as a 'steady-state' system and this steady-state permeate flux can be treated as its critical 
flux. Based on the concept of critical flux, net flux (J – Jcrit) is used in this study to 
identify whether colloidal particles will be deposited on the membrane surface or not. 
The particle deposition rate Sc is assumed to be proportional to the local net flux (J – 
Jcrit) and the colloidal particle concentration cc,b: 
 
, ( )c c b critS c J J= −  (44) 
where θ is the deposition fraction of colloidal particles, which has the range of 0 to 1. 
Since the permeate flux can be calculated using equation (39) and the particle 
concentration is also given, the only unknowns are the critical flux, Jcrit, and the 
deposition fraction, θ. 
 Sc can be expressed as the deposited colloidal particle mass per unit time per unit 
area. In the particle deposition process, colloidal particles dissolved in the liquid solution 
are consumed and converted to porous cake. Particle deposition behaves as a solute sink 
term of the particle solute in the liquid phase. To describe the colloidal particle mass 
transfer, the convection-diffusion equation needs to be rewritten by subtracting this 
particle deposition term: 
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 During the fouling cake building process, there are two main forces acting on the 
colloidal particles near the membrane surface: the crossflow induced back diffusion 
force transports the accumulated colloidal particles back to the bulk flow, and the drag 
force induced by the permeate flux pushes the colloidal particle towards the membrane. 
The solute temporary equilibrium is obtained when the diffusion back-transport force is 
equal to the drag force. Several different transport mechanisms were reported to be 
responsible for the particle back diffusion. Considering the low crossflow velocity in this 
investigation and sizes of typical silica colloidal particles, only Brownian diffusion and 
shear-induced diffusion are discussed here [37]. 
 For dilute suspension crossflow filtration, assuming that Brownian diffusion 
dominates the particle transport, the length-averaged permeate critical flux can be 














=    (46) 
where L is the membrane length, Φc,m  is the particle volume fraction at the membrane 
surface, and Φc,b is the particle volume fraction in the bulk flow, and Dbr is the Brownian 












where k is Boltzmann constant, T is the fluid temperature, µ is the fluid viscosity, and a 
is the particle radius. 
 For colloidal suspensions, the theoretical permeate flux predicted by Brownian 
diffusion is much less than the experimental results, which is the so-called flux paradox 
[91]. Brownian diffusion was found to dominate only in cases with small diameter 
particles and very low shear rate. The velocity gradient at the membrane surface caused 
by crossflow and membrane vibration definitely increases the particle back diffusion 
coefficient. The shear-induced diffusion mechanism needs to be combined with the 
Brownian diffusion to accurately predict the particle back diffusion and critical flux 
profile. 
 In cases where shear-induced diffusion is the dominating back diffusion 
mechanism, the shear-induced diffusion coefficient can be calculated as [92]: 
 20.03shD a=  (48) 
 By inserting the expression of the shear-induced diffusion coefficient into the 
Leveque expression, the expression for the corresponding length-averaged critical flux 


















 Comparing equations (46) and (49), it can be found that Brownian diffusion 




induced diffusion dominated critical flux is proportional to the shear rate. The shear rate 
near the membrane surface and the corresponding critical flux are increased by vibrating 
the membrane module. The effective diffusion considering both back-transport 









= + = +  (50) 
 Similar to effective diffusion, as suggested by Ingmar and Christian [20], the 
effective critical flux can be described by: 
 2 2
, ,crit crit br crit shJ J J= +  
(51) 
 Equation (51) gives the final express for the critical flux combining the effects of 
the Brownian diffusion mechanism and the shear-induced diffusion mechanism. The 
value of critical flux is not enough to calculate the particle deposition rate using equation 
(44), the expression of deposition fraction, θ, is also needed. 
 Not all particles at the fluid-cake interface are deposited to form part of the 
porous cake during the particle deposition process. Only the fraction θ of particles will 
successfully deposit on the interface, and the remaining (1 - θ) will be carried back to the 
bulk flow. Knutsen and Davis [94] proposed that particle-rolling caused by the viscous 
shear flow may be the reason for the fractional deposition phenomenon. Higher shear 
rate at the membrane surface will enhance the particle rolling and reduce the particle 




fractional deposition of particles is a function of crossflow velocity during the colloidal 
fouling process in a flat-channel membrane system. Higher crossflow velocity in a flat-
channel means higher membrane shear rate, which coincides with Knutsen and Davis’s 
findings. In this study, the relationship between deposition fraction and crossflow 
velocity found by Chong and Fane [38] was adopted and transferred as the relationship 

















 The particle deposition rate term will also change the colloidal particle mass 
transfer and thus the hydrodynamics inside the membrane channel. At this point, all 
variables shown in equation (44) are defined and the particle deposition rate Sc for each 
cell can be calculated. 
 
4.2.5. Fouling model summary 
 The above discussions yield the following conclusions for a given membrane 
desalination system: 
 1. Increasing the amount of colloidal particles in the feed solution increases the 
colloidal particle deposition. 





 3. Areas with higher shear rate   have lower local deposition fraction θ and 
higher local critical flux Jcrit. Thus, areas with higher shear rate   have less colloidal 
particle deposition. 
 
4.3. CFD Simulation, Numerical Method and Experimental Design 
4.3.1. Model geometry and boundary conditions 
The geometry analyzed in this study is a rectangular 2D membrane channel filled 
with 'zigzag' cylindrical spacers. This 'zigzag' geometry with lm = 2.85 mm and rs = 1/4 h 
= 0.195 mm is similar to spacer-filled channels in industry applications. Each set of two 
successive spacers comprises one 'cell element' as shown in Figure 20. An array of 10 
‘cell elements’ makes the membrane area which has a length of 57 mm. The long 
entrance area before the membrane and the long exit area after the membrane are 
necessary to avoid the influence of inlet and outlet boundary conditions on membrane 
performance and flow development. Entrance and exit lengths are chosen as 30 and 50 
times the spacer radius respectively, in this study. 
 A fully developed velocity profile and the constant concentrations of the solutes 
are given at the channel inlet. The velocity gradient and solute concentration gradient are 
assumed to be zero at the channel outlet since the outlet boundary is far away from the 
membrane zone. All wall surfaces, including the top impermeable wall, the feed spacer 
wall, the entrance and exit area walls, have no slip and no solute flux boundary 




velocity J is specified ( v J= − ) on the bottom membrane boundary. The diffusive and 























where J is the membrane local permeate flux determined by equation (39). The terms 
Rn,rej  and Rc,rej are the membrane intrinsic rejection factors for NaCl and silica colloidal 
particles, respectively, and are assumed to be 0.98 and 1, respectively. 
 A structured mesh generated using ICEM-CFD (ANSYS Inc., Canonsburg, PA) 
was adopted in the simulations and was validated by conducting a mesh independence 
test. The mesh near the membrane is much finer due to the expected large concentration 
gradient. This made the numerical implementation approach shown in section 4.4.2. 
sufficiently accurate for this study. The first cell height on the membrane boundary and 









Figure 20. The schematic of geometry. (A) The whole simulation domain. The dashed 





4.3.2. Numerical implementation of fouling layer evolution 
 Colloidal particle deposition first appears at the membrane surface as depicted in 
Figure 21. Once the silica colloidal porous cake begins particles will continue to deposit 
at the fluid-cake interface and increase the cake thickness. This fouling cake growth will 
reduce the flow area and change the mass transfer and hydrodynamics which will 
indirectly change the local fouling rate itself. A model was developed to approximate the 
fouling layer height and fluid cell porosity changes during the particle deposition 
process. The model simplifies the actual spatially continuous physical gradual deposition 
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 As shown in Figure 21, a clean membrane is used at the beginning of the 
calculation. All computational cells above the membrane surface should be fluid cells. 
Colloidal particles will first deposit inside the first layer cell. This cell is the fluid-cake 













=  (54) 
where mcell,c is the accumulated fouling mass in this cell, ρc is the particle density, A is 
the cell bottom face area, and εmin is the porosity of fully fouled cake cell which is 
assumed to be 0.4 [86]. In order to reduce computational time the cell height is not 
incremented continuously, but instead the cell porosity is varied as ,cell ch varies from 
equation (54). In this manner, the cell porosity will be gradually reduced from 1 to the 
minimum porosity during the cell fouling process. The equivalent effective cell porosity 
is determined from: 
Fluid-cake interface cell, 0.4 <    <1
t t t t













= −  (55) 
where hcell is the cell height, and hcell,c  is the cell fouling thickness. Once the cell fouling 
thickness hcell,c reaches the top of this cell, particles will no longer be deposited in the 
cell, instead, the deposition process will ensue in the cell above this one. This cell will 
then be treated as 'fully deposited cake cell', at the same time, the cell above this one will 
be converted externally from a fluid cell into a porous media cell. This growth process is 
shown in Figure 21 and is similar with the method used by Paz [95] and El-Batsh [96]. 
For visualization purpose, the heights of cells shown in Figure 21 are not scaled. 
 
4.3.3. Model solution 
 Fluent (ANSYS Inc., Canonsburg, PA) was used here as the CFD package to 
solve the coupled continuity, momentum and solute transport equations via the 
SIMPLEC algorithm. Due to the limitation of the available calculation resource and the 
long time needed to calculate all 35 cases for 12 hours’ operation time, LES model 
adopted in the previous chapter was not applied in the simulation this chapter. Instead, 
the RNG k-ε model was used to simulate the turbulence effects caused by the spacer 
inside the narrow channel. Compared with the general k-ε model, the RNG k-ε model is 
more suitable for simulating a channel with spacers since it can accurately solve eddy 
development at relatively low Reynolds numbers. Figure 22 illustrates the approximate 




membrane channel. The simulation model begins as a clean membrane channel, without 
silica colloidal particle deposition. The governing equations are then solved by FLUENT 
for both the fluid and porous media domains as time continues. Detailed steady state 
flow and solutes concentration fields are calculated, then the cake filtration and fouling 
equations provide the fouling deposition results to update the mesh and fluid properties 
for the next time step. Cells with fouling deposition are treated as porous media cells 
with constant porosity, and the remaining cells are treated as fluid cells. The updated 
fluid-porous domain model is then used for the next time step. This loop is repeated until 
the calculation time reaches the pre-set limit. 
Batch processes and User Defined Function (UDF) subroutines were utilized to 
determine cell fouling status, cell cake fouling height, cell fouling particle deposition 
rate, cell local porosity and for changing the status of a cell from fluid to porous media. 
The time step depended on the value of averaged deposition rate, and was varied from 
0.1 to 30 minutes to ensure that the fouling layer thickness change was not significant 
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4.3.4. Experimental design 
 A commercial RO membrane (Hydrnautics, model SWC6 MAX) was used in all 
experiments. The detailed specifications for this membrane are shown in Table 3 [66]. 
Each membrane sheet had the membrane size of 20 cm length × 3 cm width , resulting in 
60 cm2 effective membrane area. Silica colloids (Aerosil 200, Evonik Industries) and 
sodium chloride (Fisher Scientific) were used as colloidal fouant and the background 
ionic solution respectively. This silica particles have a specific surface area in the range 
of 175 to 225 m2/g, a density of 2.2 g/cm3 [97], and the mean hydrodynamic radius of 
120 nm [28]. 
The same experimental system used in Chapter 3 was also adopted here. Figure 2 
presents the diagram of the cross flow RO membrane desalination cell. The only 
difference is that vibration is not applied in the study in this Chapter. 
 A new membrane was used for each test and was first compacted using distilled 
water at an operating pressure of 55 bar for at least 4 h until a stable baseline permeate 
flux was obtained.  
 For the fouling tests, no pre-filtrations or other pretreatments were applied to the 
feed solution. A typical fouling test lasts for 12 hours. The permeate flux was collected 
and measured at intervals of 20 minutes. Permeate flow was poured back to the feed tank 
after measuring in order to keep the feed water salinity nearly constant. 
 Feed solution temperature is one of the key factors affect the performance of 




controlled in the temperature range of 15 ± 2 °C and measured by a J-type thermocouple 
with 0.1 °C accuracy. The calculated permeate flux was corrected according to the 
temperature correction factor (TCF) theory to eliminate the effect of temperature 
fluctuations of the feed water during the fouling tests. For the RO membrane used in this 
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where T is the temperature of feed solution and kt is a coefficient constant for a given 
membrane desalination system. In this equation, 288 K (15 oC) is set as the reference 
temperature, and kt = 2700 is adopted [98]. 
 
4.4. Results and Discussion 
 Several important factors for colloidal fouling in the membrane desalination 
system were investigated, specifically the effect of feed flow composition, membrane 
system operating parameters and feed spacer presence. Table 7 summarizes cases 
studied in the combined CFD – experimental based investigation. The initial permeate 
flux is the value of the permeate flux of the membrane system at the beginning of the 
fouling test. At the beginning of the fouling test, the membrane is clean with no fouling 
particles deposited on the membrane surface. The value of the initial permeate flux can 




the CFD simulation, value of the initial permeate flux is defined in the UDF code and 
applied to the membrane boundary. 
 
4.4.1. Membrane desalination with silica colloidal fouling and fouling layer growth 
visualization 
In this section, simulation case 1 (Table 7) was chosen as an example case to 
investigate the detailed information of flow hydrodynamics with silica colloidal fouling 
and the visualization of fouling layer growth. 
 Figure 23 presents the development of the porous cake layer growth next to 
membrane and corresponding velocity vector plots for different operation durations. To 
eliminate the effect of inlet and outlet boundary conditions, the 9th unit element was 
chosen as representative of the entire channel.  The bulk flow velocity direction is from 
left to right. At the beginning of the desalination process, no porous cake appears inside 
the feed channel. A small recirculation region is formed near the upstream face of the 












cn, b (ppm) 
Inlet silica 
colloidal 
concentration    









1 32,000 400 400 14 Yes Benchmark case 
2 32,000 400 400 14 No Impact of feed spacer 
3 32,000 200 400 14 Yes Impact of silica 
colloidal particle 
concentration 
4 32,000 800 400 14 Yes 
5 32,000 400 200 14 Yes Impact of Reynolds 
number 6 32,000 400 600 14 Yes 
7 32,000 400 400 10 Yes Impact of initial 




After a 3-hour operation, porous fouling cakes were found next to the membrane 
surface. There are four obvious porous cakes which are marked as 1 – 4 in this sub-
figure. The positions of cake 1 and cake 4 are the stagnation points of the corresponding 
recirculation vortex, and cake 2 and cake 3 are located between the corresponding vortex 
and the feed spacer. In all these areas, the local NaCl concentrations are relatively high, 
which will be discussed in Figure 25, and the shear rates at the membrane surface are 
relatively low. 
 Sizes of all four cakes after a 12-hour operation are much larger than sizes after a 
3-hour operation, with continuous cake growth. Since the vortex near the upstream face 
of the spacer is too small, cake 1 and cake 2 are connected and grow into one large cake 





(A) initial clean membrane 
 
(B) 3 hours 
 
(C) 25 hours 
 
Figure 23. Development of porous cake layer growth next to membrane and 
corresponding velocity vector plots for different operation time: (A) initial clean 
membrane, (B) 3 hours, (C) 25 hours. Colors indicate the value of fluid velocity. Porous 




In summary, colloidal porous cakes will grow in both membrane coverage and 
cake height with the increase of membrane system operation time. Big colloidal porous 
cakes can be found on the membrane surface near feed spacers. Similar phenomenon can 
also be found in other kinds of membrane fouling growth inside the spacer-filled 




by colloidal porous cakes will hinder the solute mass transportation and increase local 
NaCl concentration. 
The NaCl concentration profile at the location x = 51.7 mm in the downstream 
area of 9th spacer from the channel inlet is shown in Figure 24. The effect of porous cake 
on NaCl diffusion leading to CEOP phenomenon is clearly presented. In Figure 24, three 
flow areas can be found from left to right: porous cake area, recirculation area and bulk 




Figure 24. Comparison of NaCl concentration polarization modulus profile for the clean 
membrane and fouled membrane after 12 hours operation at the downstream area (x = 








 For the clean membrane channel, a smooth NaCl concentration increase was 
found near the membrane surface with maximum CP value of 1.55. This increase is due 
to the membrane rejection on NaCl solute, which is well-known as the concentration 
polarization (CP) phenomenon in membrane desalination. 
In contrast, NaCl concentration increases rapidly inside the porous cake area of 
the fouled membrane case due to the low effective NaCl diffusion coefficient within the 
porous cake and the lack of back-transportation to the bulk flow. NaCl concentration 
next to the membrane for fouled membrane case is about 13% higher than the clean 
membrane case. The increased NaCl concentration next to the membrane would increase 
the transmembrane osmotic pressure and reduce the local permeate flux under the same 
applied pressure. Concentration polarization is enhanced by the porous cake, which is 
known as the CEOP phenomenon.  
 Since the NaCl solute transportation to bulk flow is limited in the fouled 
membrane case, the concentration inside the recirculation area for the fouled membrane 
case is slightly lower than the clean membrane case. In the bulk flow area, both cases 









4.4.2. Impact of feed spacer 
Flat sheet membrane cells are often used in investigations of the membrane 
fouling under various operation conditions [101]. However, in commercial spiral wound 
RO systems, feed spacers are widely used since they can support the membrane leaves 
and increase the desalination system stability. Feed spacers have been shown to affect 
the fluid hydrodynamics and membrane concentration polarization in clean membrane 
cases [102,103] and fouling status in biofouling and inorganic fouling cases 
[99,100,104]. In this section, the impact of feed spacers on NaCl concentration 
distribution and membrane permeate flux of the colloidal fouling influenced membrane 
is analyzed. Results of simulation cases 1 and 2 (Table 7) will be discussed here. 
 Figure 25 and Figure 26 show the NaCl CP modulus and permeate flux 
distributions along the membrane surface for both cases with and without feed spacers. 
In Figure 25, NaCl CP modulus values increase with operation time along the 
membrane, for both with and without feed spacers.  For the without-spacer case, the CP 
modulus value increases along the membrane length. At the end of membrane, the 
maximum CP modulus value for the 12 hours case is 1.96, which is even higher than the 
peak value for spacer cases. For the with-spacer cases, the sharp CP modulus peak 
values are around 1.85 and occur next to the feed spacer. In other areas, the CP modulus 
for the case with feed spacers is much lower than the corresponding case without feed 






Figure 25. NaCl concentration polarization modulus distributions along the membrane 






Figure 26. Permeate flux distributions along the membrane surface for cases with and 




 Similar conclusions can be found in the permeate flux profile in Figure 26. For 
both cases, permeate flux values decrease with operation time among the membrane 
surface. The averaged permeate flux for the with-spacer case is higher than the without-
spacer case for corresponding operation times. 
Figure 27 and Figure 28 are zoom views of the NaCl CP modulus and permeate 
flux distributions in the last unit cell element. High NaCl CP modulus can be found near 
the feed spacer for both the clean membrane and the fouled membrane cases. At the 
same operation time, NaCl CP modulus values in cases with feed spacers are lower 
compared with cases without feed spacers. After 12 hours, the NaCl CP modulus peak 
value in the with feed spacers case is even lower than the corresponding without feed 
spacers case. The NaCl CP modulus differences between the with and without feed 
spacer cases increase with system operation time. This increasing difference shows that 
feed spacers can reduce the membrane surface concentration polarization phenomenon, 
especially for a fouled membrane. Similar conclusions can be found in terms of 
membrane permeate flux. In most areas of the membrane surface, higher membrane 
permeate flux can be found in the with feed spacer case compared with the without feed 
spacer case. This improvement increases with operation time. 
 Figure 29 and Figure 30 show the normalized permeate flux and NaCl 
concentration polarization modulus change vs. operation time for with and without feed 
spacer cases. Simulation case 8 (initial permeate flux = 18 μm/s, Table 7) was included 





Figure 27. NaCl concentration polarization modulus distributions among the membrane 






Figure 28. Permeate flux distributions among the membrane surface for the 10th cell 




 Initially, the decline in the normalized permeate flux is greater in the with feed 
spacer cases than the without feed spacer case. This is mainly caused by the salt and 
particle accumulation near the feed spacers. Figure 25 and Figure 27 show that the salt 
concentrations are much higher near the feed spacers compared with the remaining 
areas. The shear rates are relatively low at the membrane surface near the feed spacers 
which attracts a greater level of colloidal particle deposition. This also leads to the rapid 
permeate flux reduction in both cases with feed spacers. The difference in normalized 
permeate fluxes reduces as the operation time increases. The normalized permeate flux 
of the without feed spacer cases becomes smaller than the corresponding with feed 
spacers case after the operation time exceeds 5 hours. 
 The normalized permeate flux for the with-spacer case is 20.8% greater than the 
without-spacer case after 12-hours of operation, and under the same initial permeate flux 
condition. Similar with the permeate flux profile, the NaCl CP modulus was increased 
by 28.2% after a 12-hour operation by removing feed spacers. Even with its higher 
initial permeate flux (18 μm/s), the without-spacer case still has much higher CP 
modulus value and lower normalized permeate flux than the with spacer case. The slope 
of the declining normalized permeate flux for the with feed spacers cases are much 
smaller compared with the without feed spacers case. It appears likely that the difference 
between the with and without feed spacer cases normalized permeate flux will continue 




 The results show that the membrane surface NaCl CP modulus is higher for the 
without feed spacers case compared to the with feed spacers case during the entire 12 
hours of operation.  
 Higher initial NaCl CP modulus requires a higher applied pressure to obtain the 
same initial permeate flux. The increased applied pressure will increase the system unit 
power consumption which is one of the most important indicators when evaluating a 
desalination plant. After 12 hours operation, the averaged NaCl CP modulus for case 
without feed spacers is 1.93 which is much higher compared with the value 1.51 for the 
case with feed spacers, and 1.70 for the case with feed spacers and higher initial 
permeate flux. Similar to the normalized permeate flux results, it is expected that the 
difference between NaCl CP modulus for the with and without feed spacers cases will 
increase as time increases beyond 12 hours. 
4.4.3. Impact of silica colloidal particle concentration 
 Simulation cases 1, 3 and 4 (Table 7) are compared in this section to investigate 
the effect of inlet silica colloidal particle concentration on colloidal fouling. Figure 31 - 
Figure 33 show the change in normalized permeate flux, NaCl concentration polarization 
modulus and averaged cake height vs. operation time for different inlet silica particle 
concentrations. Experimental results are also included for the normalized permeate flux. 
Increasing silica particle concentrations is seen to increase NaCl CP modulus, increase 
cake height and decrease normalized permeate flux. The CP modulus values for all three 




at the end of 12 hours of operation. These results indicate that the NaCl CP modulus and 
the CEOP effect become nearly insensitive to the inlet silica particle concentration after 




Figure 29. Change in normalized permeate flux with operation time for with and without 





Figure 30. Change in NaCl concentration polarization modulus with operation time for 
with and without feed spacers cases. 
Figure 31. Change in normalized permeate flux vs. operation time for different inlet 





Figure 32. Change in NaCl concentration polarization modulus vs. operation time for 





Figure 33. Change in averaged cake height vs. operation time for different inlet silica 




4.4.4. Impact of desalination operation conditions 
 Figure 34- Figure 36 are obtained from simulation cases 1, 5 and 6 in Table 7, 
and show the change in normalized permeate flux, NaCl concentration polarization 
modulus and averaged cake height vs. operation time for different inlet Re numbers. 
Experimental results are also included for the normalized permeate flux. The results in 
these figures show that increasing inlet Re numbers improves membrane performance 
including lower cake height, higher permeate flux and lower NaCl concentration at the 
membrane surface. Higher inlet Re numbers have higher averaged inlet velocities which 
result in higher shear rates and enhance the particle mass transportation near the 
membrane surface. Both factors will decrease the particle deposition rate and improve 
the membrane performance. 
 Table 8 shows a comparison of membrane performance for cases with different 
Re number after 12 hours of operation. The improvement from Re = 200 to Re = 400 is 
much larger compared with the improvement from Re = 400 to Re = 600 for all three 
criteria including permeate flux (simulation and experiment), NaCl concentration, and 
cake height. This trend projects even lower membrane performance improvement by 
increasing inlet Re number for cases with Re numbers higher than 600. Pressure loss 
increases with increasing inlet Reynolds number [105] as does the capital costs for feed 
pumps with higher flow rates, and the propensity for flow instabilities. Hence there is a 
point of diminishing returns for improving membrane performance utilizing increased 
inlet Re number. Those findings point to a need to select an inlet Re number that 



















Re = 200 0.5318 0.4881 1.7656 25.63 
Re = 400 0.6164 0.5764 1.5066 16.28 
Re = 600 0.6664 0.6356 1.4075 13.39 
Improvement from 
Re = 200 to Re = 400 
15.91% 18.09% 14.67% 36.48% 
Improvement from 
Re = 400 to Re = 600 













Figure 35. Change in NaCl concentration polarization modulus vs. operation time for 










4.4.5. Impact of initial permeate flux  
 Figure 37- Figure 39 are obtained from simulation cases 1, 7 and 8 in Table 7, 
and show the change in normalized permeate flux, NaCl concentration polarization 
modulus and averaged cake height vs. operation time for different inlet permeate fluxes. 
Experimental results are also included for the normalized permeate flux. The cases with 
higher initial permeate flux are seen to have higher cake height, higher NaCl CP 
modulus value and lower normalized permeate flux during the 12 hours of operation. 
The drag force created with membrane permeate flux is the primary driving force for the 
silica colloidal particles to deposit on the membrane surface. According to the particle 
deposition rate formula (equation (39)), a higher permeate flux will cause higher 
deposition rate and consequently a more rapid reduction of the membrane performance. 
Although the normalized permeate flux for the case with J0 = 18 μm/s is relatively low, 
consideration of the high absolute value of the initial permeate flux, may yield an actual 










Figure 38. Change in NaCl concentration polarization modulus vs. operation time for 












 Membrane desalination was simulated with a two-dimensional model including 
colloidal particle deposition and fouling growth, and the integration of fluid flow and 
solute mass transfer inside the membrane feed channel. Concentration dependent fluid 
properties, axial variations of permeate flux and cake height, cake enhanced osmotic 
pressure (CEOP) effect and critical flux theory were included in the simulation model. 
The colloidal fouling simulation model was numerically solved utilizing the commercial 




 The animation of the colloidal fouling layer growth with time was depicted by 
simulating the process of colloidal particle deposition on the membrane surface and 
occupying the fluid zones into porous cake zones. An approximate computational 
approach was developed to simplify the model of gradual colloidal particle deposition 
into a cell by cell problem. The cell-based colloidal fouling cake layer, which was 
treated as a homogeneous porous media domain with constant porosity, has an effect on 
both fluid flow and solute mass transfer. The cake layer provides momentum resistance 
for flow inside the cake layer, reduces the effective channel height and changes the 
hydrodynamics inside the channel flow. The diffusion and concentration of NaCl solute 
was also influenced by the porous cake layer, well-known as the CEOP effect.  
 The influence of membrane desalination system operation parameters on 
membrane colloidal fouling, including initial permeate flux, inlet Reynolds number, and 
feed solution silica particle concentration were investigated to provide a references for 
future membrane system designs and upgrades. The impact of the feed spacer on 
membrane colloidal fouling was also studied: increased salt concentration polarization 
(CP) and more fouling deposition occur around the contact zones between feed spacers 
and membrane; however, in other areas on the membrane surface lower CP and fouling 
was found, which overall proves that feed spacers improve the membrane desalination 
performance. Lastly, model simulations are validated against experimental data of 





5. COLLOIDAL FOULING IN THE VIBRATION ENHANCED REVERSE OSMOSIS 
MEMBRANE DESALINATION SYSTEM 
 
 Computational fluid dynamics (CFD) simulations and experiments were 
performed to investigate the performance of a vibration enhanced reverse osmosis 
(VERO) membrane module under colloidal fouling for up to 12 hours of operation time. 
A porous cake mass transfer model for reverse osmosis (RO) colloidal fouling analysis 
was derived by combining the solute convection-diffusion model, cake filtration model, 
cake enhanced osmotic pressure (CEOP) effect, and the critical flux concept. The 
process of colloidal particle deposition and fouling accumulation on the membrane 
surface was visualized using this model. The local concentration dependent solute 
properties and variation of permeate flux and cake layer thickness over the membrane 
surface were predicted. Systematic studies including different initial permeate fluxes, 
Reynolds numbers, particle concentrations, and vibration frequencies were carried out to 
investigate the system performance under different operation conditions. The results 
suggest that colloidal fouling induced permeate flux decline could be improved by 
imposing vibration on the RO membrane. It was determined that the higher the vibration 
frequency, the higher the membrane permeate flux, while keeping the vibration 
amplitude constant. Model simulations were validated against experimental data of 







 Membrane fouling is considered to be a major challenge in seawater reverse 
osmosis (RO) membrane desalination. Fouling of RO membranes is typically caused by 
inorganic, colloidal, organic matters, and the development of biofilm on the membrane 
surface. Membrane fouling may lead to permeate flux decline, energy consumption 
growth, and short membrane lifetime [106]. Much effort has been devoted to the area of 
membrane system fouling control, especially for membrane colloidal fouling. This has 
focused on chemical treatment [41], feed solution pretreatment [40], and mechanical 
treatment including proposing high shear rate and shear stress on the membrane surface 
[42]. 
The investigations that take advantage of membrane vibration, all use torsional 
vibration to generate large shear rate at membrane surface. However, for the torsional 
vibration, points near the vibrating shaft will have much less vibration amplitude, which 
may inadequately utilize the vibration benefit for fouling control. A novel technique 
called vibration enhanced reverse osmosis (VERO) was proposed in our earlier work 
[82] aiming at improving membrane performance and permeate production. In this 
technique, a RO membrane desalination cell is driven by linear actuators to impose axial 
membrane vibration and large shear rate at membrane surface. Previous research 
successfully showed that this technique can enhance the permeate flux and mitigate the 
formation of inorganic fouling on the RO membrane surface [107]. Both Finite Element 
Method (FEM) and Computational Fluid Dynamics (CFD) simulations revealed that a 




vibration imposed, resulting in less fouling on the membrane surface with inorganic 
foulant. 
The study reported here investigated the colloidal fouling growth and control in 
the VERO membrane system. A reverse osmosis membrane colloidal fouling model 
considering the cake enhanced osmotic pressure (CEOP) effect was proposed and 
combined with CFD simulations to predict the performance of a vibrating RO membrane 
under colloidal fouling. The effects of initial permeate fluxes, channel Reynolds 
numbers, inlet particle concentrations, and vibration frequencies are systematically 
investigated and presented for CFD simulations and experiments.  
 
5.2. CFD simulation and Experimental Design 
5.2.1. Fluid flow and boundary conditions 
 The hydrodynamics of the two-dimensional transient flow can be described by 
the following governing equations. 
 Continuity equation: 












 2( ) ( ) ( )
( )
u u uv P
u
t x y x
  

   
+ + = − + 
   
 (58) 
 2( ) ( ) ( )
( )
v uv v P
v
t x y y
  

   
+ + = − + 
   
 (59) 
 At the inlet (x = 0), the fully developed velocity profile and concentration 



















where cn,b and cc,b are the inlet bulk flow concentration of NaCl and silica colloidal 
particles, and u  is the averaged crossflow velocity and is calculated with the 
corresponding channel Reynolds number. 
 At the outlet, the velocity and solute concentration gradients are assumed to be 


























 For top, non-membrane wall and feed spacers, the given vibration velocity and 
no solute flux boundary conditions are imposed: 
 





















where ?⃗?  is the unit normal vector at the wall boundary, A is the vibration peak 
amplitude, and f is the vibration frequency. In this investigation, A = 0.5 mm is applied 
in all vibration cases which results in the peak-to-peak amplitude = 1 mm. Four different 
vibration frequencies: 10 Hz, 20 Hz, 40 Hz, and 60 Hz were adopted to analyze the 
impact of membrane vibration. 
 For the bottom membrane boundary, the above mentioned vibration velocity is 
also applied and the permeate velocity, J, is specified. For both NaCl and silica particle 































where J is the membrane local permeate flux, Rn,rej  and Rc,rej are the membrane intrinsic 
rejection coefficients for NaCl and silica colloidal particles and are assumed to be 0.98 
and 1 respectively. 
 
5.2.2. Numerical implementation and modeling of fouling layer evolution 
 The computational geometry and numerical implementation method analyzed in 
section 4.3. were also adopted in this study. Figure 40 illustrates the calculation 
algorithm used to model the above mentioned colloidal fouling layer evolution process 
in a VERO desalination module. Fluent (Ansys Inc., Canonsburg, PA) was utilized as 
the CFD solver to perform numerical simulations. Batch process subroutines and User 
Defined Function (UDF) were created to simulate the fouling layer evolution process, 
determine cell fouling status, calculate cell particle deposition rate, and change the type 
of cell from fluid cell to porous media cell when necessary. 
 There are two time loops inside flow diagram shown in Figure 40. The first one 
is the vibration time used in equation (62), and this time loop is marked blue in Figure 
40. The length of one complete sinusoidal vibration cycle varies from 1/60 s to 1/10 s 




by several time steps Δt’ to capture the effect of the boundary vibration on the fluid 
hydrodynamics and fouling rate. The value of the particle deposition rate Sc can be 
calculated for each time step. Since the length of a vibration cycle (varies from 1/60 s to 
1/10 s) is too small compared with the length of the entire operation time (12 h), the 
profiles of cake distribution and the cell porosities do not change during the vibration 
time loop.  
 The second time loop is the fouling deposition time loop which is marked green 
in Figure 40. The deposition time step Δt is combined with the time averaged deposition 
rate cS  in equation (39) to calculate the deposition mass in the fluid-cake interface cell. 
This deposition time step Δt should be small enough to capture this gradual change 
process of the cell porosity and to make the simplification acceptably accurate. 
Depending on the value of cS , the values of deposition time step Δt varying from 0.1 
mins to 30 mins were picked to make sure the fouling layer thickness change is not 
significant compared with the height of the cell within the given deposition time step. 
 The simulation begins with a clean membrane channel without silica colloidal 
particle deposition and all cells are defined as the fluid domain. The vibration velocity is 
updated using the corresponding vibration time by equation (62). Then, fluid properties, 
diffusion coefficients and parameters of the cake filtration model are updated and 
inserted in FLUENT to solve the governing equations in both the fluid and porous media 
domains, if applicable. Once the converged flow and solute concentration fields are 




total vibration time is less than the length of one vibration cycle, the vibration time will 
be updated and the vibration time loop will be repeated; otherwise, the time averaged 
deposition rate cS  will be calculated by averaging all values of the deposition rate Sc 
during the current vibration cycle. This time averaged deposition rate cS  will be 
combined with time step Δt of the particle deposition time loop to calculate the particle 
deposition mass at the fluid-cake interface. The cell with fouling deposition will be 
treated as a porous media and its new porosity can be calculated by equation (55). Once 
the cell porosity reaches the value of εmin, this cell will be treated as a ‘fully deposited 
cake cell’, and the cell above this one will be treated as the new interface cell, and 
converted externally from a fluid cell to a porous media cell. This updated computational 
geometry will be updated in FLUENT for the   next deposition time step. This fouling 
deposition time loop will be repeated until the calculation time reaches the pre-set 
calculation time limit, which is 12 hours in this investigation. 
 
5.2.3 Experimental Design 
The same experimental system used in Chapter 3 and Chapter 4 was also adopted 
here. Figure 2 presents the diagram of the cross flow RO membrane desalination cell. 
And Figure 4 shows the schematic diagram of the vibration enhanced reverse osmosis 
membrane system set-up. For all vibration cases, peak-to-peak vibration amplitude is 
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5.3. Results and discussion 
 Several important factors influencing colloidal fouling in membrane desalination 
systems are investigated. Specifically feed colloidal concentrations, channel Re 
numbers, initial permeate fluxes, and membrane vibration frequencies are considered. 
The membrane vibration frequency study demonstrates the effectiveness of membrane 
vibration on colloidal fouling control. All simulations and experiments were performed 
for 12 hours. 
  Table 9 summarizes key parameters varied in the CFD simulation study. The 
table includes 7 sets of parameter values, with each set also including 5 cases which are 
defined by vibration frequency. The parameter “initial permeate flux” is the value of the 
permeate flux of the membrane module at the beginning of the fouling test (no initial 
fouling). Set 1 is the benchmark case, while the differences of simulation conditions 
between the other six case sets with set 1 are bolded. Five different vibration frequency 
cases are included with a constant peak-to-peak vibration amplitude of 1 mm, for all 7 
parameter sets: 0 Hz, 10 Hz, 20 Hz, 40 Hz, and 60 Hz. Experiments were performed in 
some cases to validate the simulation results from the aspect of membrane permeate 























1 400 14 400 
0, 10, 20, 
40, 60 
1 Benchmark 
2 200 14 400 




concentration 3 800 14 400 
0, 10, 20, 
40, 60 
1 
4 400 14 200 





5 400 14 600 
0, 10, 20, 
40, 60 
1 
6 400 10 400 




flux 7 400 18 400 







Two non-dimensional parameters are used in this section to analyze the 
performance of the membrane under colloidal fouling conditions. The first is the 
membrane NaCl CP modulus at time t, with f Hz vibration in each case: 
 , , ,t fHz n m n bc c =  (64) 
The averaged NaCl concentrations at the membrane surface and in the bulk flow 
are used to calculate the value of the CP modulus. In order to analyze the benefit of the 
membrane vibration on the CP phenomenon, a percent of NaCl accumulation reduction 














 =    − 
 (65) 
The second non-dimensional parameter is the normalized membrane permeate 
flux. In order to show the percent of flux decline caused by the colloidal fouling and 
compare sets with different initial permeate fluxes, a normalized permeate flux is 
adopted instead of the actual value of permeate flux. Permeate flux at time t under the 
influence of f Hz vibration, Jt, f Hz, is divided by the initial permeate flux (no fouling 
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5.3.1. Silica colloidal fouling and fouling layer growth visualization 
 The no-vibration case and the 60 Hz vibration case in the benchmark parameter 
set (set 1 in Table 9) are selected to investigate silica colloidal fouling inside the VERO 
membrane module. The fouling layer growths with time near the feed spacer (white 
circles) in the 9th unit element are illustrated in Figure 41 (left: no-vibration case, right: 
60 Hz vibration case). Considering the highly transient velocity profile in the 60 Hz 
vibration case, only the streamlines for the no-vibration case are presented in this figure. 




 No porous cake appears in the feed channel at the beginning of the desalination 
process simulation. Four obvious porous cakes, marked 1-4, can be found in the no-
vibration case after 3 hours. The positions of cake 1 and cake 2 are the stagnation points 
of the recirculation vortex that is formed near the upstream face of the feed spacer. 
Similarly, cake 3 and cake 4 are located at the stagnation points of the recirculation 
vortex near the downstream face of the feed spacer. Particle concentrations are relatively 
high in these areas while the shear rate values are low. These areas are expected to have 
more particle deposition according to the particle deposition rate Sc expression in 
equation (44), which agrees with the CFD simulation results. The size of all four cakes 
become much larger after 12 hours, for the no-vibration case. Cake 1 and cake 2 are 
connected together and grow into one large cake due to the low vorticity of the upstream 
vortex. Besides these obvious porous cakes, thin porous layers can also be found in other 
membrane surface areas.  
 For the 60 Hz vibration case, a thin porous layer can be found after 3 hours and a 
thicker porous layer can be found after 12 hours. Obvious cakes next to the feed spacer 
are not observed. It is interesting to see that the variation of the cake layer height along 
the membrane surface is small, which is very different than the no-vibration case. This 
difference shows that the colloidal particle deposition rate Sc does not change much 
along the membrane surface in the with vibration cases. Membrane vibration greatly 
changes the hydrodynamics near the membrane surface and reduces the influence of the 




 In sum, colloidal porous cakes grow in both membrane coverage and cake height 
with increase in time for the no-vibration cases. Large colloidal porous cakes form next 
to feed spacers and at the stagnation points of vortices. For the 60 Hz vibration cases, a 
thin cake layer appears on the membrane surface and grows with time. This is in contrast 
with the formation of large colloidal porous cakes without vibration. Particle 




(A) 0 hour 
    
 
(B) 3 hours 
    
 
(C) 12 hours 
Figure 41. Development of porous cake layer growth near the membrane and colored 
streamlines (for the no-vibration case) for the (top) no-vibration case and (bottom) 60 Hz 
vibration case at the end of (A) 0 hours, (B) 3 hours and (C) 12 hours. The porous cake 




 The effect of porous cake on NaCl diffusion and the CEOP effect are clearly 
presented in Figure 42. NaCl concentration profiles at location x = 51.7 mm with 
different vibration conditions (no-vibration and 60 Hz vibration) and membrane types 
(initial clean and fouled membranes) are shown in the figure. The chosen location (x = 
51.7 mm) is in the downstream area of the 9th spacer from the channel inlet. There are 
three flow areas in this figure: porous cake area near the membrane surface, recirculation 
area in the downstream area of the feed spacer, and the bulk flow area.  
 A smooth NaCl concentration increase is found near the membrane surface in the 
clean membrane cases, which is consistent with the well-known concentration 
polarization phenomenon caused by membrane rejection of NaCl solute. The NaCl 
concentration increase near the membrane surface in the fouled membrane cases are 
much sharper compared with the corresponding clean membrane cases, resulting in more 
severe concentration polarization phenomenon in the fouled membrane cases. The CP 
modulus values of the fouled membrane cases are higher than the corresponding clean 
membrane cases under the same vibration conditions. The CEOP phenomenon, as 
caused by colloidal porous cakes, hinders the solute mass transportation and increases 
NaCl concentration near the membrane surface. 
 The NaCl membrane CP modulus with the 60 Hz vibration, clean membrane case 
is around 1.18, which is much lower than the 1.55 in the no-vibration, clean membrane 
case. Similarly, membrane vibration also improves the CP phenomenon in fouled 
membrane cases by reducing the CP modulus from 1.75 to 1.38. These CP modulus 




membrane colloidal fouling. The decreased NaCl concentration next to the membrane 
surface reduces the corresponding transmembrane osmotic pressure of NaCl and thus 
reduces the operation pressure required to produce the same amount of permeate flux. 
 The NaCl CP modulus for fouled membrane cases are slightly lower than the 
corresponding clean membrane cases in the recirculation area, since the solute back-
diffusion to the bulk flow is limited by the porous cake in the fouled membrane cases. In 
the bulk flow area, the local NaCl concentrations are equal to the inlet concentration in 




Figure 42. Comparison of the cross stream NaCl concentration polarization modulus 
profile for clean and fouled membranes in different vibration conditions at the 
downstream area (x = 51.7 mm) of the 9th spacer from the channel inlet. 
 
Recirculation area Bulk flow area
Porous cake area
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5.3.2. Effect of membrane vibration in the benchmark case set 
Figure 43 and Figure 44 show the NaCl CP modulus and normalized permeate 
flux variations with time for the benchmark set (set 1 in Table 9). The CP modulus 
initially increases rapidly, then increases slowly with time for all cases. The normalized 
permeate fluxes initially reduce rapidly, then reduce slowly with time for all cases. The 
initial normalized permeate fluxes for the four vibration cases are higher than 1, which is 
the value of the initial normalized permeate flux of the no-vibration case. The CP 
modulus decreases monotonically and the normalized permeate flux increases 
monotonically with increasing vibration frequency for all times. The simulation results 
indicate that applying membrane vibration improves the membrane performance and CP 
phenomenon in the benchmark colloidal fouling tests, for up to 12 hours operation. For 
instance, after 12 hours, 30% more permeate flux and 22% reduction of the NaCl 
accumulation are observed comparing the no-vibration case and the 60 Hz vibration 
case. High membrane vibration frequency induces high shear rates at the membrane 
surface, which enhances the back transport of solutes to the bulk flow, and reduces the 





Figure 43. NaCl concentration polarization modulus vs. time for the benchmark set with 
feed NaCl concentration = 32,000 ppm, feed colloidal particle concentration = 400 ppm, 






Figure 44. Normalized permeate flux vs. operation time for the benchmark case set with 
feed NaCl concentration = 32,000 ppm, feed colloidal particle concentration = 400 ppm, 




5.3.3. Effect of membrane vibration in cases with different silica colloidal particle 
concentrations 
 Sets 1, 2 and 3 (Table 9) are analyzed in this section to determine the effects of 
inlet silica colloidal particle concentration on membrane performance. Figure 45 and 
Figure 46 show the change in NaCl CP modulus and normalized permeate flux vs. time 
for the set 2 (200 ppm inlet silica particle concentration) and the set 3 (800 ppm inlet 
silica particle concentration). The inlet concentration of silica colloidal particle can be 
controlled or reduced by microfiltration or ultrafiltration pretreatments in commercial 
desalination plants. 
 Reducing the silica colloidal particle concentration reduces the NaCl CP modulus 
and increases the normalized permeate flux. For example, after 12 hours the NaCl CP 
modulus in the 800 ppm, no-vibration case is 1.51, which is higher than the 1.48 value in 
the 200 ppm, no-vibration case. Similarly, the normalized permeate flux in the 800 ppm, 
no-vibration case is 0.61 while the normalized permeate flux in 200 ppm, no-vibration 
case is 0.65. The NaCl CP modulus decreases monotonically and the normalized 
permeate flux increases monotonically with increasing vibration frequency for all times. 
At t = 12 hours, 26% more permeate flux and 21%  reduction of the NaCl accumulation 








Figure 45. NaCl concentration polarization modulus vs. time for different inlet silica 








Figure 46. Normalized permeate flux vs. time for different inlet silica colloidal particle 
concentration, top: 200 ppm silica particle; bottom: 800 ppm silica particle.  
131 
5.3.4. Effect of membrane vibration in cases with different channel Reynolds numbers 
Sets 1, 4 and 5 (Table 9) are discussed in this section in order to investigate 
membrane performance when changing the channel Reynolds number. Figure 47 and 
Figure 48 show the variation in NaCl CP modulus and normalized permeate flux vs. time 
for the set 4 (Re = 200) and the set 5 (Re = 600). The Reynolds number of the feed 
channel can be controlled by varying the feed pump flow rate in commercial desalination 
plant. 
From Figure 47, it is clear to see, under the same vibration condition and 
operation time, the set with higher channel Reynolds number has lower value of the 
NaCl CP modulus. High channel Reynolds number induces high crossflow velocity and 
high shear rate near the membrane surface, which enhances the local particle mass 
transportation. Colloidal particles are less able to accumulate and deposit on the 
membrane surface in sets with higher Reynolds number. After 12 hours, the highest salt 
accumulation is found in the Re = 200, no-vibration case among all 7 sets considered.  It 
should be noticed that, since the pressure applied in the cases with Re =200 is much 
higher than the cases with Re = 600 to obtain the same level of initial permeate flux (J0 = 
14 μm/s), the normalized permeate flux in the cases with Re = 200 maybe higher than the 
corresponding cases with Re = 600 even with higher NaCl CP modulus. 
Membrane vibration benefits membrane performance for all three different 
Reynolds numbers, and increasing vibration frequency yields higher normalized 
permeate flux and lower NaCl CP modulus. The benefit of membrane vibration on 
membrane performance varies significantly with inlet channel Reynolds numbers. This 
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differs from the trend shown in Figure 45 and Figure 46, which demonstrated an almost 
invariance with different inlet silica colloidal particle concentrations. Table 10 
summarizes the membrane performance in sets with different Reynolds numbers and 
vibration frequencies at t = 12 hours. Both percent reduction of NaCl accumulation and 
percent increase of the normalized permeate flux due to the membrane vibration, reduce 
with increasing inlet channel Reynolds number. 
The membrane vibration increases the shear rate near the membrane surface, 
which in the set of high inlet Reynolds number is already high. Thus, the benefit of 
membrane vibration in increasing shear rate decreases with higher Reynolds numbers. 
Even lower membrane performance improvement due to membrane vibration can be 
expected for sets with Reynolds numbers higher than 600. It should be noted that, when 
the vibration frequency is 60 Hz, the difference of CP modulus between sets with Re = 
400 and Re = 600 is very small (1.3924 vs. 1.3833). This suggests that, for membrane 
applications with Reynolds number higher than 400, it is not recommended to utilize 
membrane vibration considering the cost of implementing membrane vibration. 
          In contrast, varying the inlet particle concentration does not affect the shear rate 
near the membrane surface. As the result, the benefit of the membrane vibration for sets 
with different inlet silica colloidal particle concentrations do not vary much, which can 
be seen in Figure 45 and Figure 46. 
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Figure 47. Change in NaCl concentration polarization modulus with operation time for 
different vibration frequencies, top: Re = 200; bottom: Re = 600. 
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Figure 48. Change in normalized permeate flux with operation time for different 
vibration frequencies, top: Re = 200; bottom: Re = 600. 
135 
Table 10. Summary of membrane performance in cases with different Reynolds numbers 
and vibration frequencies when t = 12 hours. 
Re = 200 Re = 400 Re = 600 
CP modulus 
No vibration 1.7656 1.5066 1.4075 
60 Hz vibration 1.5779 1.3924 1.3833 
percent reduction of the NaCl 
accumulation caused by 60 Hz 
vibration 
24.52% 22.54% 5.94% 
Normalized 
permeate flux 
No vibration 0.5318 0.6164 0.6664 
60 Hz vibration 0.8535 0.8117 0.7070 
percent increment of the 
normalized permeate flux caused 
by 60 Hz vibration 
60.49% 31.68% 6.09% 
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5.3.5. Effect of membrane vibration in cases with different initial permeate fluxes 
Sets 1, 6 and 7 (Table 9) are analyzed in this section to investigate the benefit of 
membrane vibration on the membrane performance with different initial permeate 
fluxes. Figure 49 and Figure 50 show the changes in NaCl CP modulus and normalized 
permeate flux vs. time for set 6 (J0 = 10 μm/s) and set 7 (J0 = 18 μm/s). The initial 
permeate flux may be controlled by varying the operating pressure of the feed pump in 
commercial desalination processes. 
The set with a higher initial permeate flux has higher NaCl CP modulus and 
lower normalized permeate flux, under the same vibration conditions and operation time. 
For example, after 12 hours, the values of NaCl CP modulus in the no-vibration cases 
with J0 = 10 μm/s and J0 = 18 μm/s are 1.33 and 1.70, respectively. Similarly, when t = 
12 hours, the normalized permeate flux in the J0 = 10 μm/s, no-vibration case is 0.66 
while the normalized permeate flux in the J0 = 18 μm/s, no-vibration case is 0.58. This 
phenomenon can be explained from two separate perspectives. First, the membrane 
permeate flux accelerates the accumulation of NaCl on the membrane surface. 
Figure 49 shows that higher values of NaCl CP modulus occur in J0 = 18 μm set, for the 
initial (t = 0) clean membrane.  Secondly, the drag force created by the membrane 
permeate flux is also the primary driving force for silica particles to accumulate on the 
membrane surface. Increased initial permeate flux induces a larger net flux (J – Jcrit) and 
a larger particle deposition rate Sc in equation (44). The formation and growth of 
colloidal fouling cakes will increase the hydraulic resistance Rc and result in the CEOP 
effect, which intensifies the accumulation of NaCl near the membrane surface. These 
137 
two reasons explain the greater flux decline rate and more NaCl accumulation in the set 
with higher initial permeate flux. 
It is important to note that, although the normalized permeate flux for the case 
with J0 = 18 μm/s is relatively low, considering the high actual value of the initial 
permeate flux, the absolute value of the permeate flux may be even higher than the other 
two cases. For example, after 12 hours, the relative permeate flux and the actual 
permeate flux for the J0 = 18 μm/s, 10 Hz case are 0.65 and 11.7 μm/s. For the J0 = 10 
μm/s, 10 Hz case, they are 0.71 and 7.1 μm/s respectively. 
Similar to the previous sections, membrane vibration contributes to improving 
the membrane performance for all three sets with different initial permeate fluxes. For 
instance, after 12 hours, 30% more permeate flux and 22% reduction of the NaCl 
accumulation are observed comparing the no-vibration case and the 60 Hz vibration 
case. 
138 
Figure 49. NaCl concentration polarization modulus vs. time for different initial 
permeate flux cases, left: J0 = 10 μm/s; right: J0 = 18 μm/s. 
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Figure 50. Normalized permeate flux vs. time for different initial permeate flux cases,
left: J0 = 10 μm/s; right: J0 = 18 μm/s. 
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5.3.6. Experimental validation
Experiments were performed for several parameter sets in order to validate the 
CFD model results. Permeate flux was measured and compared with the corresponding 
simulation cases as shown in Figure 51. There is generally good agreement between the 
predicted and measured permeate flux variation with time. The differences can be 
attributed to the approximate cake layer model developed above, the assumption of 
constant porosity of the fully deposited cake, uncertainty in parameters, and 





Figure 51. Experimental validation results for normalized permeate flux vs. time for 
different working conditions. (A) Benchmark cases. (B) Cases with cc,b = 200 ppm. (C) 





The colloidal fouling control performance of a vibration enhanced reverse 
osmosis (VERO) approach was investigated utilizing Computational Fluid Dynamic 
(CFD) simulations and experiments for up to 12 hours. The experimental setup used 
linear motors to impart sinusoidal motion to the membrane in order to increase the 
membrane surface shear rate. This was shown to reduce membrane concentration 
polarization (CP) and permeate flux decline caused by colloidal fouling. The VERO 
module was investigated with different desalination system operation parameters 
including initial permeate flux, inlet Reynolds number, feed solution silica particle 
concentration and membrane vibration frequency, to show the wide applicability of the 
technique in colloidal fouling control. 
A cell-based colloidal particle deposition and fouling growth model was 
proposed and numerically implemented in the CFD simulation to obtain detailed fouling 
cake distributions, flow patterns, and salt concentration distributions. The model 
includes concentration dependent fluid properties, axial variation of permeate flux and 
cake height, cake enhanced osmotic pressure (CEOP) effect, and critical flux theory. The 
model simulations are validated by comparison with experimentally measured permeate 
fluxes. 
The CFD simulations and corresponding experimental results show that colloidal 
fouling has a significant influence on membrane performance with up to a 47% decline 
in permeate flux and a 1.77 NaCl CP modulus after 12 hours of operation. The results 
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also show that membrane performance can be improved by the VERO module for all 7 
system parameter sets shown in Table 9. Membrane NaCl CP modulus decreases and 
permeate flux under the influence of colloidal fouling increases as the vibration 
frequency increases (up to 60 Hz), with a constant peak-to-peak vibration amplitude of 1 
mm.  Comparison of the 60 Hz vibration and no-vibration cases, in the parameter set 
with Re = 200, demonstrated a maximum 60% improvement of the normalized permeate 
flux and a 25% reduction in NaCl accumulation, after 12 hours of operation. The 
improvement is less in sets with high Reynolds number (Re = 600), since the shear rates 
near the membrane surface are already very high. 
Future studies may involve the implementation of VERO approach on an 
industrial scale system. Objectives will include energy usage and capital cost 
minimization for the shaking force actuation system, while balancing permeate flowrate 
improvement level with initial and operating cost. Additional experimental and 
simulation investigations of the VERO approach can also be conducted to mitigate other 
types of fouling, such as organic fouling and biofouling. 
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6. CONCEPT AND ENERGY CONSUMPTION ESTIMATION OF A NEW
CENTRIFUGAL REVERSE OSMOSIS DEVICE 
6.1. Introduction 
A new desalination technology called centrifugal reverse osmosis (CRO) was 
proposed by Carl Grenci [108] and developed by Peter Wild and Goeffrey Vickers [109–
112]. Investigations showed that this CRO technology offers significant benefits relative 
to the conventional reverse osmosis [113]. 
CRO is similar to conventional reverse osmosis in that both processes are based 
on high-pressure membrane separation. However, a fundamental difference between the 
processes is the means by which the high pressure is developed. In conventional reverse 
osmosis, a high pressure feed pump is required, whereas in CRO the high pressure is 
developed within a centrifuge rotor. A key advantage of the new desalination technology 
CRO includes elimination of the high pressure feed pumps, and hence eliminating the 
wasted energy associated with high pressure brine exhaust, that presents in conventional 
RO desalination processes. It has been known for some time that the benefits of 








Figure 52. Schematic diagram of a centrifugal reverse osmosis desalination plant. (a) 3D 




















Currently the main design concepts about the CRO device is proposed by 
Vickers etc. in 2000 [111], as shown in Figure 52. In this design, several commercial RO 
cartridges were placed around the rotor as a ‘Gatling gun’. The low pressure feed water 
enters the rotor axis, and pressurized by the centrifugal force through the radial passages 
(19 in Figure 52(b)), then flows into the RO cartridges. Rotor speed and radius are 
chosen so that the pressure inside the RO cartridges meets the desalination requirements. 
Inside the RO cartridges, permeate water is produced and transported outside the CRO 
device. The remaining high pressure brine solution is de-pressurized and returns to the 
rotor axis. In this process, the system works as a turbine to drive the rotor spinning. 
Finally, the low pressure brine solution exits the rotor. The potential benefits of CRO 
device is summarized in Table 11 [109]. 
In this study, a new CRO device was proposed to reduce the energy consumption 
and device size. 
6.2. Comparison between the new CRO design with Vickers’ design 
In Vickers’ design and designs from other peers, membrane cartridges in Gatling 
gun design are used for the CRO device. The configuration of membrane cartridges can 
be seen in the left sub-figure of Figure 53. It is clear to find that gaps between cartridges 





Table 11. The potential benefits of centrifugal RO [109]. 
 Conventional RO Centrifugal RO 
Energy 
Consumption 
1. Pressure energy of exhaust brine 
is wasted. 
2. Additional capital cost and 
complexity of energy recovery 
turbine justified only for very large 
systems. 
Recovery of pressure energy of 
exhaust brine is an inherent feature 
of centrifugal reverse osmosis. 
Reliability 1. High-pressure pump often a 
source of breakdown, particularly 
dynamic high-pressure seals. 
2. High-pressure piping requires 
exotic alloys to minimize 
corrosion. 
1. Simple design having only a 
single moving part. 
2. No dynamic high-pressure seals. 
3. Non-metallic construction, 





1. Operate at high recovery ratio in 
order to minimize power 
consumption. 
2. High recovery ratio requires 
more initial membranes and 
reduces membrane life. 
1. Operate at low recovery ratio as 
energy consumption is independent 
of recovery ratio. 
2. Low recovery ratio requires 
fewer initial membranes and 







(a) Cut plane 
   
(b) 3D modeling 




 In this study, a new CRO design called ‘big spiral membrane’ is proposed shown 
in the right sub-figure of Figure 53. In this design, long spiral membrane envelops are 
used instead of the membrane cartridges. Long spiral membrane envelops fill in the ring 
shape chamber, resulting in a firm membrane pack shown as area with grey color in 










single spiral membrane envelop. Figure 54(b) shows the 3D model of the single spiral 
membrane envelop. For a CRO device with inner radius = 0.345 m and outer radius = 
0.406 m, our device can increase the effective membrane area by 300% comparing with 
the device used in Vickers’ design [109]. 
 Figure 55 shows the schematic of RO membrane assembly. One envelop is 
formed by a half of a RO membrane and a half of RO membrane that close to it, and 
then inserted by one permeate carrier. This kind of design and assembly is easy to 
assemble, and the permeate carrier can be totally isolated from the feed spacer by the RO 
membrane. The envelope is then glued at three sides except the edge connected to the 
permeate tube. Feed spacers are inserted between membrane envelops to separate the 
membrane pieces and behave as the turbulence promotors. This type of the RO 
membrane assembly in the new CRO device is similar with the membrane wrapping 
method used in the commercial spiral wound membrane cartridges. The only difference 
is that for the commercial spiral wound membrane cartridge, the membrane elements are 
glued and wrapped on a permeate tube with small diameter, and for the desalination 
centrifuge, we will glue and wrap the membrane elements to a membrane cylinder with 
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Figure 55. Schematic of RO membrane assembly. 
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Table 12 shows the system parameters of different new CRO designs and 
Vickers’ design [109]. It is worth noticing that, although the size of the new CRO design 
with 1 m length × 0.4 m radius × 4 cm thickness (the first column) is around twice of 
Vickers’ design, it can provide 364% and 454% more permeate production at 550 psi 
pressure and 600 psi respectively. This result shows that our new CRO design can 
greatly improve the performance of the traditional CRO device at the same device 
volume. The detailed system performance will be analyzed in the following sections. 
 
6.3. Energy consumption estimation of the CRO device with different parameters 
6.3.1. Total power consumption in the CRO device 
 In this section, the total power consumption in the CRO device is analyzed and 
summarized. The total power consumption is divided into three main parts: ideal power 
consumption without power loss, power loss in bearings (friction loss), and fluid 
pressure loss inside the flow path, and can be seen in equation (67). Considering the 
complexity of the flow characteristics inside the CRO device, the fluid pressure loss 
value will be given through CFD simulations. The equations to calculate the other two 
types of power consumption are derived in the following two sub-sections. 
 












Table 12. Datasheet of the new CRO design and Vickers’ design 
 New CRO Design 
Vickers’ 
Design [109] 
Dimensions of the membrane 
pack: length (m) × radius (m) 
× thickness (cm) 
1 × 0.4 × 4 2 × 0.2 × 2 
0.2 × 0.2 × 
2 
16 of the 
SW30-2521 
cartridges 
Feed flow rate (gpm) 40 10 10 31.74 
Permeate flow rate (gpm) 
6.380 gpm 
for 550 psi 
pressure 
3.063 gpm 
for 600 psi 
pressure 
0.652 gpm 
for 600 psi 
pressure 
1.376 gpm 
for 800 psi 
pressure 
7.628 gpm 
for 600 psi 
pressure 
3.482 gpm 
for 700 psi 
pressure 
0.842 gpm 
for 700 psi 
pressure 
Effective membrane area 
(m2) 
211.12 105.56 10.56 19.2 
Device dimensions: length 
(m) × radius (m) 







6.4.1.1. Ideal power consumption in CRO device 
The process pressure of a centrifuge can be denoted as the following equation: 
2 2 2cP r=  (68) 
where ρ is the fluid density, ω is the centrifuge angular velocity, and r is the centrifuge 
radius. 
Consider the idealized continuous flow centrifuge shown in Figure 57. Although 
during operation, the centrifuge is in a uniform angular motion, the power consumption 
is only due to friction, the feed water will be continuously driven by the centrifuge to 
gain a certain amount of angular momentum described as: 
2
d fQ r  =  (69) 
In which Qf is volumetric flow rate of feed water [m
3/s]. 












 The permeated pure water will be thrown out from the centrifuge orifice, while 
the concentrated exhaust water will be collected by the collection side spoke pipes. The 
angular momentum during this collection process is: 
 ( ) 21e fQ r   = −  (70) 
 In which δ is the recovery ratio which describes the fraction of the feed sea water 
which is converted to fresh water. By conservation of angular momentum, the lost 
angular momentum by the permeate water is: 
 2
p fQ r  =  (71) 














 The minus of Pe means this power is collected from high pressure water. Thus 
the total ideal power consumption for these processes will be 
 2 2 2ideal d e p f f cP P P Q R Q P   = + =  = =  (73) 
 
6.4.1.2. Power loss in bearings 
 Under certain conditions, the frictional moment can be estimated with sufficient 
accuracy using a constant coefficient of friction μ. the conditions are 
(1) Bearing load P≈0.1C; 




(3) Normal operating conditions; 
 The frictional moment under these conditions can be estimated using: 
 2f bPd =  (74) 
where P=equivalent dynamic bearing load [N]; 
f =frictional moment [N·m]; 
μb=constant coefficient of friction for the bearing; db=bearing bore diameter [m]. 
 Radial bearings are often subjected to simultaneously acting radial and axial 
loads. If the resultant load is constant in magnitude and direction, the equivalent 
dynamic bearing load Pb can be obtained from the general equation: 
 
b r aP XF YF= +  (75) 
where Fr=actual radial bearing load [N]; Fa=actual axial bearing load [N]; X=radial load 
factor for the bearing; Y=axial load factor for the bearing. 
 The actual radial bearing load should be calculated based on the centrifuge 
weight and the applied shaft radial load by V-Belt pulley and their distribution. Take the 
case with effective membrane length = 0.2 m as an example, the bearing load 
distribution can be seen in Figure 58. In this figure, the left bearings and right bearings 
are tapered roller bearings with back-to-back arrangement. The stiffness of this kind of 
arrangement is large, and it doesn’t easy to block when thermal expansion and clearance 
increase, which is suitable for our application case. The centrifuge weight is Wc = 66 
kg×9.8 m/s2=646.7 N. Suppose the centrifuge is well balanced, and ignore the unbalance 
force. Initially suppose the V-Belt pulley force to the shaft is FrB = 500 N. Since the 




calculation will be simplified by classifying the four bearings into the left bearings the 
right bearings.  
 The force and momentum equilibrium equations in y and z directions for this 
system can be written as: 
 2 2 0








F a F b a
F F F






 By solving this set of equations, we can get FyL = 161.68N, FyR = 161.68N, FzL = - 
20.86N, and FzL = 270.86N, which results in the Frmax = 315.45 N for the single bearing. 






=  (77) 
where Fa is the axial component force, Fr is the radial load, and Y is the axial load factor. 
 For the tapered roller bearing we select from McMaster, the similar tapered roller 
bearing with the same geometry SKF 32008 X/Q has X = 0.4, Y = 1.6, thus the Famax = 
98.58 N. And the equivalent dynamic bearing load Pb can be obtained: 
 
max max0.4 1.6 544.15b r aP F F N= + =  (78) 
 In equation (74), the friction coefficient can be determined by the bearing type. 
For single row tapered roller bearing, the coefficient is 0.0018~0.0028. From the NSK 











Figure 59. Coefficients of dynamic friction. 
  
















 So we can calculate: 
 22 0.0022 544.15 0.04 2 2.394 10f Pd N m N m
− = =   =    (79) 
 Thus power Pf required for continuous rotation at 445 rad/s and 480 rad/s of the 





4 4 445 2.394 10 42.61
4 4 480 2.394 10 45.96
f rad s f
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P M rad s N m W







= =     =
= =     =
 (80) 
 
Above mentioned calculation of the bearing power loss is just an example using 
the giving size and mass of the CRO device and the rotating speed. The final value may 
vary with different CRO device and rotating speed. 
 
6.3.2. CFD simulations and power consumption calculations of the CRO concepts with 
different parameters 
 In this section, CRO concepts with different parameters (device length, radius 
and thickness of the membrane pack, feed flow rate, and equivalent applied pressure) 
were analyzed to get power consumption of each system. In order to compare the 
efficiency of different systems, ‘Unit power consumption’ (kWh/m3) was used here and 
can be explained as the number of consumed power unit in kWh in order to produce 1 





Table 13. Parameter summary of all 6 CRO concepts 
Case # 1 2 3 4 5 6 
Length of the membrane pack (m) 1 1 2 2 0.2 0.2 
Radius of the membrane pack (cm) 40 40 20 20 20 20 
Thickness of the membrane pack (cm) 4 4 2 2 2 2 
Equivalent applied pressure (psi) 550 600 600 700 600 700 





6.3.2.1. Power consumption of case 1 and case 2 
 Figure 60 shows the SolidWorks model of case 1 and case 2 used for CFD 
simulation. In order to get 550 psi and 600 psi applied pressure, this rotation speeds are 
215 rad/s (2053 RPM) and 225 rad/s (2148 RPM) respectively for this type of centrifuge 
device. In the CFD simulations, the applied pressure = 550 psi (37.92 bar) or 600 psi 
(41.37 bar), feed salt concentration = 32,000 ppm, and feed water volumetric flow rate is 
3 32.5236 10 m s−  (40 gpm). The permeate flux profile among the membrane surface 
can be found in Figure 61 and Figure 62 for 550 psi and 600 psi applied pressure. 
We may find the permeate flux will decrease among the membrane length. When 
the applied pressure is 550 psi, the averaged permeate flux for 1 m membrane is 





Figure 60. 3D model of the fluid path in the CRO concept with length of 1 m, membrane 





Thus, the ideal power consumption during the 550 psi desalination process is: 
 3 6
1 2.522 2 0.1595 10 3.7921 10 3036 52ideal case f cP Q P W W
−
− = =      =  (81) 
When the applied pressure is 600 psi, the averaged permeate flux for 1 m 
membrane is 62.28 10−  m/s, which results in the recovery ratio = 19.07 %. In this case, 
the ideal power consumption during the 600 psi desalination process is: 
 3 6
2 2 2 0.190 2.5237 10 4.137 10 39826ideal case f cP Q P W W
−
















When we consider the pressure loss inside the water desalination process, we 
need to calculate the averaged pressure difference between device inlet and device 
outlet. 
Figure 63 shows the pressure distribution inside the membrane pack for case 1. 
We may find the pressure increases linearly with the distance from the rotation axis. And 
the pressure range of the membrane wrap is 550 psi to 610 psi. Figure 64 shows the 
pressure distribution in the cut plane of case 1. Similar with case 1, simulation for case 2 
was also performed. Figure 65 and Figure 66 show the pressure distribution inside the 
membrane pack and the cut plane for case 2. 
Pressure loss inside the centrifuge device can be calculated by subtract outlet 
pressure by inlet pressure. Figure 67 shows the averaged inlet and outlet pressure 
calculated by CFD simulations for CRO cases with 1 m membrane length and the 
pressure loss is 28.33 psi (1.95 bar). 
Thus, the pressure loss induced energy consumptions for case 1 and case 2can be 
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Considering the size of the CRO device deployed in both case 1 and case 2 (0.4 






4 4 215 7.944 10 68
4 4 225 7.944 10 71
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P M rad s N m W







= =     =
= =     =
 (84) 
And the total power consumptions for case 1 and case 2 are: 
 
1 1 1 1
2 2 2 2
3052 828 68 3948
3982 798 71 4851
total case ideal case loss case f case
total case ideal case loss case f case
P P P P W W
P P P P W W
− − − −
− − − −
= + + = + + =
= + + = + + =
 (85) 
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 (86) 








case total case p case































6.3.2.2. Power consumption of case 3 and case 4 
Figure 68 shows the SolidWorks model of the computational domain used for 
case 3 and case 4. In order to get the corresponding equivalent applied pressure as 600 
psi and 700 psi, centrifuge rotation speeds should be 447 rad/s (4268 RPM) and 482 
rad/s (4600 RPM) respectively. In this set of CFD simulations, the applied pressure = 
600 psi (41.37 bar) or 700 psi (48.26 bar), feed salt concentration = 32,000 ppm, and 
feed water volumetric flow rate = 
4 3106.3 m s−  (10 gpm). The permeate flux profile 
among the membrane surface can be found in Figure 69 and Figure 70 for case 3 and 
case 4. From these two figures, we can calculate the averaged permeate flux and 
recovery ratio for case 3 are 61.83 10−  m/s and 30.63%; the averaged permeate flux and 
recovery ratio for case 4 are 62.08 10− m/s and 34.82 %. Thus, the ideal power 
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 (88) 
Figure 71 shows the pressure distribution inside the membrane pack for case 3. 
We may find the pressure increases linearly with the distance from the rotation axis. And 
the pressure range of the membrane wrap is 600 psi to 680 psi. Figure 72 shows the 
pressure distribution in the cut plane of case 3. Similar with case 3, simulation for case 4 
was also performed. Figure 73 and Figure 74 show the pressure distribution inside the 
membrane pack and the cut plane for case 4. 
Pressure loss inside the centrifuge device can be calculated by subtract outlet 
pressure by inlet pressure. Figure 75 shows the averaged inlet and outlet pressure 
calculated by CFD simulations for 2 meter CRO cases and the pressure loss is 39.68 psi 
(2.73 bar). 
Thus, the pressure loss induced energy consumptions for case 3 and case 4 can be 
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 (89) 
Considering the size of the CRO device deployed in both case 3 and case 4 (0.2 
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= =     =
 (90) 
And the total power consumptions for case 3 and case 4 are: 
 3 3 3 3
4 4 4 4
1597 239 159 1995
2117 225 172 2514
total case ideal case loss case f case
total case ideal case loss case f case
P P P P W W
P P P P W W
− − − −
− − − −
= + + = + + =
= + + = + + =
 (91) 
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Figure 68. SolidWorks model of the fluid path in the CRO concept with length of 2 m, 





































































6.3.2.3. Power consumption of case 5 and case 6 
 Similar calculation processes can also be performed for case 5 and case 6. When 
the applied pressure is 600 psi, the averaged permeate flux for the 0.2 meter membrane 
is 63.86 10−  m/s, which results in the recovery ratio = 6.52%. The ideal power 
consumption for case 5 is: 
 4 3 6 2
5 6.2 2 0.0652 10 4.137 10 33 40ideal case f cP Q P m s N m W
−
− = =      =  (94) 
When the applied pressure is 700 psi, the averaged permeate flux for the 0.2 
meter membrane is 64.99 10− m/s, which results in the recovery ratio = 8.42 %. Thus, 
the ideal power consumption for case 6 is: 
 4 3 6 2
6 6.2 2 0.0842 10 10 53 4. 1826 2ideal case f cP Q P m s N m W
−
− = =      =  (95) 
From the results of CFD calculations, for 0.2 m CRO devices, the pressure loss 
from inlet to the outlet is around 1.35 bar. Thus, the pressure loss caused energy 
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 (96) 
As we calculated in section 6.3.1.2., the bearing friction losses for case 5 and 
case 6 should be 43 W and 46 W. So, the total power consumptions for both cases are: 
 5 5 5 5
6 6 6 6
340 159 43 542
512 156 46 714
total case ideal case loss case f case
total case ideal case loss case f case
P P P P W W
P P P P W W
− − − −
− − − −
= + + = + + =
= + + = + + =
 (97) 
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Table 14 summarizes the main calculation results for all 6 CRO devices. Typical 
cost of energy ranges for medium & large SWRO plants are listed in Table 15 [114]. By 
comparing the system energy usage data in both tables, it is clear to see the unit power 
consumption of all 6 CRO concepts are within the typical energy use range of the 
mediums and large size SWRO systems. And case 1 and case 2 are within the low-end 
bracket classification which have extreme low energy use.  
It is worthy noticing that the medium and large size SWRO systems typically 
have huge capital cost varying from 50 million – 600 million US$, however, the capital 
cost of our CRO concepts is less than 50 thousands US$, which is only 0.1% of the 
capital cost of typical medium and large size SWRO systems. In sum, our CRO concepts 
have extreme low capital cost and competitive energy cost compared with current 





Table 14. Summary of power consumption estimations of all 6 CRO concepts. 
Case # 1 2 3 4 5 6 
 Length of the membrane pack (m) 1 1 2 2 0.2 0.2 
Radius of the membrane pack (cm) 40 40 20 20 20 20 
Thickness of the membrane pack (cm) 4 4 2 2 2 2 
Equivalent applied pressure (psi) 550 600 600 700 600 700 
Feed Flow Rate (gpm) 40 40 10 10 10 10 
Recovery ratio (%) 15.95 19.07 30.63 34.82 6.52 8.42 
System power consumption (W) 3948 4851 1995 2514 542 714 




Table 15. Typical cost and energy use for medium and large SWRO systems [114]. 
Classification Cost of water production 
(US$/m3) 
SWRO system energy 
use (kWh/m3) 
Low-End Bracket 0.5-0.8 2.5-2.8 
Medium Range 0.9-1.5 2.9-3.2 






6.4. Operation cost estimation and ROI study of the new CRO device 
6.4.1. Operation cost estimation and comparison 
 In this section, the operation cost of the new CRO device and the conventional 
device are estimated and compared. The cost estimation of the conventional RO method 
using the spiral wound membrane module is investigated based on the ‘RO tools – cost 
of operation’ developed by GE Water Technologies & Solutions [115]. The input data 
for the RO tools are summarized in the Table 16 and the corresponding calculation 
results can be found in the screenshot Figure 76. From Figure 76, it is clear to see the 
total operation cost is 6.34 US$/kgal (≈1.68 US$/m3). The operation cost estimated by 
the RO tools is reasonable and is inside the range of the high-end bracket in Table 15. 
 
 
Table 16. Input Parameter for the GE RO Tools. 
Input Parameters Value Unit 
RO Specifications 
Product Water Flow 1 GPM 
RO Recovery 35% NA 
Operation 
Hours/Day of Operation 24 Hours 
Days/Year of Operation 365 Days 
Utilities 
Cost of Electricity 0.07 $/kWh 
Power 460 VAC 
RO Pump Efficiency 70% NA 
RO Pump Pressure 600 PSI 
RO Membrane 
RO Membrane Replacement 2 Years 
No. of RO Membranes 1 NA 
Price Per RO Membrane 500 $ 
Cleaning 
Cleaning Frequency 90 Days 










 The similar operation cost estimation can also be performed for the new CRO 
device, and can be found in Figure 77. The main differences between commercial 
product cost and cost of the new CRO device are: 
 (1) Since the centrifugal force inside the CRO device enhances the permeate flux 
production of the RO membrane [113], higher recovery rate is assumed to increase from 
35% to 40% while keeping the recycle water ratio as the same. Higher recovery rate 




flow rate will reduce the electricity cost, chemicals cost, membrane cleaning cost, feed 
water cost and sewer treatment cost.  
 (2) In the new CRO device, no high-pressure flow loop system and high pressure 
pump are needed. A major source of unreliability in the commercial RO plant is the 
high-pressure pump and, in particular, the high-pressure seals. Missing high pressure 
components will greatly reduce the labor cost from $1.39/1000 gallons to $0.69/1000 
gallons. 
 (3) The membrane fouling trend will be delayed due to the centrifugal force 
[116]. And this will reduce the chemical cost. 
 Due to the limitation of GE RO tools, the electricity cost for centrifuge 
components cannot be estimated via their tools. Electric rates of small commercials in 
the City of College Station, Texas is 0.1344 US$/KWh [117]. Based on the calculations 
performed in Section 6.3., the additional electricity cost is around 0.50 US$/m3. 
Combining the results from Figure 77, the total operation cost of the new CRO device is 
1.18 US$/m3 (4.47 US$/kgal). This value is 30% lower compared with the operation cost 
also calculated using the GE RO tools shown in Figure 76. This value is also within the 
medium range cost of water production for medium and large SWRO systems shown in  
Table 15. 
 By assuming the system working for 24 hours per day and 365 days per year, the 
annual operation cost for the new CRO device is: 










6.4.2. Return on Investment (ROI) Study of the new CRO device 
 A performance measure used to evaluate the efficiency of an investment or to 
compare the efficiency of a number of different investments. ROI measures the amount 
of return on an investment relative to the investment’s cost. To calculate ROI, the benefit 
(or return) of an investment is divided by the cost of the investment, and the result is 
expressed as a percentage or a ratio. 
 The return on investment formula: 




=  (101) 
 The Gain from Investment is the sales income from the fresh water, which is 
around 443,000 gallons/year of the new CRO device. The estimated price of the fresh 
water is 1 cent per gallon. The cost investment includes the prototype development cost, 
which is summarized in Table 17, and the annual operation cost, calculated in section 
6.4.1 as $1529.85. Please note that, the total investment listed in Table 17 is the initial 




Table 17. Summary of the new CRO device development cost. 
Part name Price Machine Shop/ Source 
Bearing Housing and Cap $1,292.00 On Campus 
Base Plate $840.00 On Campus 
Bearing Drive Plate $414.00 On Campus 
Membrane Retaining Ring $1,000.00 On Campus 
Bearing Housing Cap $310.00 On Campus 
Keys $135.00 On Campus 
Driving Flange $2,970.00 Conroe Machine 
Rotor $1,824.00 Conroe Machine 
Cover Ring $1,330.00 Conroe Machine 
Collect Ring $2,700.00 Conroe Machine 
Cover Cylinder $900.00 East Texas Machine 
Permeate Cylinder $2,950.00 East Texas Machine 
1.25"*20" stainless steel Pipe $125.34 Bryan Hose and Gasket 
1"* 20" stainless steel pipe $33.19 Bryan Hose and Gasket 
1.25"-1" Al pipe elbow $25.36 Bryan Hose and Gasket 
3/4"* 20" stainless steel pipe $51.44 Bryan Hose and Gasket 
1"-3/4" Al pipe elbow $39.88 Bryan Hose and Gasket 
1.5"*20" stainless steel pipe $49.31 McMaster 
1-1/4"-1" Al inline reducing Tees $33.58 McMaster 
Inline Reducing Tee(3/4 FNPT inlet 
& outlet, 3/8 bypass) 
$19.34 
McMaster 
Reducing tee (Al, 1 FNPT bypass 
&inlet, 3/4 FNPT outlet) 
$25.39 
McMaster 
Reducing coupling (1-1/4 to 1) $14.69 McMaster 
Inline flow meter $404.00 Grainger 
Pressure gauge $100.00 Bryan Hose and Gasket 
Feed pump $849.80 Hypropumps 
Rotary union $398.00 Rotary Unions 
Pressure relief valve $372.00 McMaster 
Tank $360.00 Sprayer Depot 
Other piping system $1,000.00 Bryan Hose and Gasket 
Accessories $2,894.00 McMaster 
Reverse Osmosis Membrane $1,780.00 Progressive Water 





 Figure 78 is the profit prediction for commercialization of the proposed new 
CRO technology. From Figure 78 we can see that the investor will start gain profit after 
9 years of plant operation. By assuming the system can operate for 30 years, a total 
profit over 60k US$ can be achieved by this new CRO device which has the initial 
investment of 25.2k US$. 
 Figure 79 is the study result of the return on investment. From Figure 79 we can 
see that besides the conclusion that the plant will gain profit after 11 years, the ROI can 
















 In this chapter, a new CRO technology is proposed to reduce the energy 
consumption and device size. The area of effective membrane surface increases by 300% 
compared with traditional CRO device in the same device size. Energy consumption 
estimations of 6 different new CRO devices were performed using CFD simulations. 
Results show that the energy cost of the new CRO concept is competitive compared with 
current medium and large size SWRO systems, while the capital cost is only 0.1% of the 
medium and large size SWRO systems. Finally, operation cost estimation was performed 
with the help of GE RO tools. Results show that, for the new CRO device, the initial 
capital investment is 25240.32 US$ and the annual operation cost is 1529.85 US$. This 
operation cost is 30% lower compared with the convectional membrane desalination 
plant. Return on Investment (ROI) study also shows that a total profit over 60k USD and 




7. CONCLUSIONS AND FUTURE WORK 
 
7.1. Conclusions 
 The growing need for clean fresh water for drinking and industrial usage has 
motivated significant research and development efforts for obtaining low cost and 
reliable approaches to desalination. Reverse osmosis (RO) membrane has been widely 
adopted in the desalination industry, especially in seawater desalination and brackish 
water desalination. Membrane fouling, especially colloidal fouling, is considered to be 
one of the major challenges in the RO desalination industry, which requires chemical 
cleansing or replacement. Accurate prediction and effective control of the membrane 
colloidal fouling are needed. Also, in the convectional RO plant, the high pressure pump 
increases the system instability and consumes a lot of energy. 
 In Chapter 2, a comprehensive literature review on fundamental of RO 
membrane desalination, membrane concentration polarization (CP), and colloidal 
fouling were presented. 
 In Chapter 3, a novel vibration enhanced reverse osmosis technology was 
proposed to address the RO membrane CP problem, with the aim of increasing 
membrane permeate flux and reducing membrane salt concentration. In this technique, a 
RO membrane desalination cell is driven by linear actuators to impose axial rapid 
membrane vibration and large membrane surface shear rates. The CFD predicted eddies 
near the membrane surface in the vibration cases reduced the NaCl and CaSO4 CP and 




CP resulting from the imposed vibration also reduces the membrane local gypsum 
fouling rate. The simulations showed that the CP modulus decreases and the permeate 
flux increases as the vibration frequency increases, with a constant amplitude imposed 
vibration. The improvements in CP and flux change rapidly up to 20 Hz. and then slow 
considerably for higher frequencies. This suggests that in tuning the vibratory system it 
is important to locate and use the minimum frequency above which added benefits are 
relatively small. This will save power and equipment costs. This result was also 
confirmed by experimental measurements. 
 In Chapter 4, a numerical model simulating colloidal particle deposition and 
fouling was proposed to accurately predict the membrane performance under the 
colloidal fouling. The animation of the colloidal fouling layer growth with time was 
depicted by simulating the process of colloidal particles deposition on membrane surface 
and occupying fluid zone into porous cake zone. A numerical method was used to 
simplify this physical gradual deposition problem into a cell by cell problem. The cell-
based colloidal fouling cake layer, which was treated as a homogeneous porous media 
domain with constant porosity, has the effect on both fluid flow and solute mass transfer. 
The influence of membrane desalination system operation parameters on membrane 
colloidal fouling, including initial permeate flux, inlet Reynolds number, feed spacers, 
and feed solution silica particle concentration were also investigated by both CFD 





 In Chapter 5, the vibration enhanced reverse osmosis technology proposed in 
Chapter 2 was adopted here to confirm its effectiveness in membrane colloidal fouling 
control for up to 12 hours operation time. Both CFD simulations and experimental 
results show the colloidal fouling has a huge influence on the membrane performance 
with up to 47% of the permeate flux decline and 1.77 of the NaCl CP modulus within 12 
hours. Additionally, membrane performance can be improved by vibration enhanced 
reverse osmosis technique for all 7 system parameter combinations investigated in this 
study. Membrane NaCl CP modulus decreases and the permeate flux under the influence 
of colloidal fouling increases as the vibration frequency increases up to 60 Hz, with a 
constant vibration amplitude.  By comparing the 60 Hz vibration and no vibration cases 
in case set 2 with Re = 200, a maximum 60% improvement of the normalized permeate 
flux and 25% reduction of the NaCl accumulation after 12 hours was found. This 
improvement is less obvious in cases with high Reynolds number (Re = 600), since its 
shear rate near the membrane surface is already high. 
 In Chapter 6, traditional centrifugal reverse osmosis (CRO) technology was 
introduced and a new CRO concept was proposed to reduce the energy consumption and 
device size. The area of effective membrane surface increases by 300% compared with 
traditional CRO device in the same device size. Energy consumption estimations of 6 
different new CRO devices were performed using CFD simulations. Results show that 
the energy cost of the new CRO concept is competitive compared with current medium 
and large size SWRO systems, while the capital cost is only 0.1% of the medium and 




help of GE RO tools. Results show that, for the new CRO device, the initial capital 
investment is 25240.32 US$ and the annual operation cost is 1529.85 US$. This 
operation cost is 30% lower compared with the convectional membrane desalination 
plant. Return on Investment (ROI) study also shows that a total profit over 60k USD and 
87% of the ROI can be achieved within 30 years operation of the new CRO system. 
 
7.2. Future work 
 Areas of potential and future research are listed below: 
 For the numerical model of membrane colloidal fouling: 
(1) Developing a three-dimensional fouling model instead of the existing two-
dimensional one for better prediction of the fouling layer distribution. 
(2) In the current study, the porosity of the porous cake was assumed to be a constant. 
Future studies with the cake porosity as a variable would be useful. 
(3) More system parameters can be investigated including inlet NaCl concentrations, 
equivalent diameters of the colloidal particle, etc. 
(4) Extending the application of this fouling model to other colloids such as alginic 
acid. 
 For the vibration enhanced reverse osmosis technology: 
(1) To save the power and equipment costs, systematical energy consumption studies 




(2) Experimental investigations and simulations of this technique about mitigating 
other types of fouling, such as organic fouling and biofouling. 
(3) Besides the plate and frame module studied here, the application of this 
technique can be extended to other conventional RO membrane modules, such as 
spiral wound module, tubular module, and hollow fiber module. 
(4) Developing a passive vibration approach, such as magnets, to reduce the energy 
cost and system capital cost. 
 For the new centrifugal reverse osmosis concept: 
(1) Developing a module combining the vibration enhanced reverse osmosis 
technology with the centrifugal reverse osmosis concept, which takes the benefits 
from both technologies. 
(2) Detailed structural analysis of the critical parts including bearing housing, 
permeate cylinder, and rotor, to increase the system reliability. 
(3) Parametric studies investigating the effect of the thickness and length of the 
membrane pack, radius and mass of the device, rotating speed, and properties of 
the inlet feed solution on the performance of the centrifugal reverse osmosis 
concept. 
(4) Developing a ‘batch mode’ concept by driving multiple centrifuges from a single 
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